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Abstract 

 

Chemical Looping Combustion (CLC) is a promising technique to achieve fuel combustion in 
a nitrogen free atmosphere, therefore giving the possibility to separate and store or use CO2. 
Several potential applications are considered in the field of power generation with gas, liquid 
and mostly solid fuels. In the Carbon Capture, Storage and Utilization (CCSU) context, 
energy penalty is reduced with CLC compared to other routes. In addition, other applications 
of Chemical Looping Technology are considered in the field of H2 production or gasification 
for instance. 

In the past years, a huge effort has been conducted worldwide to investigate CLC materials 
and process issues. In 2008, IFPEN and Total have started an ambitious collaboration to 
develop CLC applications. Nowadays, the CLC concept is well demonstrated on the pilot 
scale. The next step is to demonstrate the technology over time on a larger scale. For further 
developments, some challenges should be addressed, both on market and technical 
aspects:  

• Short term market is limited. Uncertainties around CO2 emission market (i.e. carbon 
credits)  and storage issues are hindering policy and public acceptance and still must 
evolve in the right direction,  

• Financing of demonstration units for carbon capture in this context is challenging and 
other applications of CLC may require to be investigated such as utilization of 
captured CO2 for EOR purpose.  

• The industrial use of synthetic metal oxides or natural ores at large scale generates a 
lot of issues related to availability, price, waste disposal, health and safety, 
additionally to chemical and mechanical aging, reactivity, and oxygen transfer 
capacity, 

• Chemical looping reactor and process technology concepts have to be explored, 
developed, modeled and scaled-up in order to ensure adequate power production 
together with good gas solid contact and reaction requirement, controlled circulation 
of mixtures of particle (oxygen carrier, ash, solid fuel for instance). All these points 
should be considered  on very large scales for carbon capture and storage (CCS) 
applications in order to minimize energy penalty and cost in severe operating 
conditions (temperatures above 800°C and intense so lid circulation).  

Technical challenges remain to be solved and proven with large demonstration over long 
periods of time. In this context, research in the field of fluidization technology is essential and 
we will address some key points investigated at IFPEN as related to control of solid 
circulation, oxygen carrier attrition, conceptual design of CLC reactors and  process 
performance.   

 

 

 

 



 

1. Introduction 

The reduction of CO2 emissions in the atmosphere to address global warming issues is one of the 
present challenges faced by society and particularly in the energy sector. CO2 capture and storage 
is one solution being considered. Over the last fifteen years, existing techniques such as post 
combustion separation or oxycombustion, have been adapted to capture CO2 in industrial flue 
gases. Today, many of these process technologies are considered as mature. However, the 
resulting energy penalty induced is quite high. For the same net amount of energy produced, these 
processes will use up to 15-25% more fuel depending upon the technology. Therefore, worldwide, 
a lot of efforts are conducted to reduce the energy penalty, either by improving these existing 
concepts or by developing new processes, such as Chemical Looping Combustion (CLC). In CLC, 
oxygen carriers are used to transfer oxygen through redox cycles and circulation between an 
oxidizing zone and a reducing zone where the fuel is burnt in a nitrogen free atmosphere (Fig.1). 
Nitrogen free CO2 can be recovered from the fuel reactor effluents. Compared to Oxycombustion, 
intrinsic oxygen separation is therefore conducted and no energy penalty is induced by gas 
separation. Fluidized bed is generally considered as the technology for CLC due to the apparent 
ease to circulate particles between the air reactor and the fuel reactor.  

 

Figure 1: the CLC concept 

Primarily, CLC applications relate to energy and power plants using fossil fuel combustion with 
CO2 capture. However, CO2 capture and storage short term market is presently limited due to 
uncertainties around CO2 market policies and public acceptance of storage. In the Oil and Gas 
industry, more specific applications are also considered, such as CO2 production to Enhance Oil 
Recovery (EOR) or to produce steam for extra heavy oil extraction (SAGD). The Chemical Looping 
concept can also be derived for other applications, such as gasification, maleic anhydride and 
hydrogen production... 

Total and IFPEN started a joined R&D program in 2008 to develop novel CLC process 
technologies with CO2 capture and storage incentives in mind. The objective was, first, to build 
relevant tools and conduct research in order to develop a clear and complete understanding of the 
process constraints and  to estimate achievable performances and associated costs at industrial 
scale. After which, the development and commercialization of the process.  

In the first part of this paper, we will review the CO2 capture, storage and utilization market 
situation, some of the CO2 capture technologies available, discuss the maturity and compare the 
CO2 avoidance cost and energy penalty of these technologies. In the second part of the paper, we 



will discuss CLC development status by addressing the potential applications considered,  oxygen 
carriers use and R&D tools available. In the third part of the paper, we will highlight some of the 
technical challenges related to fluidized bed technology use in the CLC process already 
investigated by Total and IFPEN related to the control of solid circulation, oxygen carrier attrition, 
conceptual design of CLC reactors and  process performances. 

 
2. CO2 Capture,  Storage and Use (CCSU) 

According to IEA [1]  , global CO2 emissions resulting from fossil fuel combustion represented 
about 32 Gt/y in 2013 with more than 46% resulting from coal combustion. CO2 emissions for heat 
and electricity generation by coal combustion represent about 10Gt/y of CO2 (which is about twice 
the amount of  1990 emissions) emitted every year. This huge amount can be considered as a 
waste, either accumulating in the atmosphere (CO2 concentration is presently in the range of 400 
ppm), either captured and stored somewhere else, either captured and used. Global warming 
mitigation requires to limit accumulation of CO2 in the atmosphere. IEA [2] suggests the need for 
capturing  over 7 Gt/y of CO2 by 2050  in order to meet the 2°C target scenario.  In order to achieve 
this objective, we probably need to focus on large emitters and several plants will be needed to 
capture CO2.  As an example, a large 500 MWth coal power plant that produces 200 MWe typically 
emits 1.1 Mt CO2/year and could possibly produce CO2 concentrated flue gas stream in the range 
of 1 Mt/year, assuming a capture efficiency in the range of 90%. 

2.1  CCSU status 

At present, according to the Global CCS Institute [3], 15 large-scale CCS projects are in operation 
around the world with a global capture capacity in the range of 28 Mt/y of CO2. There are 7 more 
CCS projects in the Execute Stage, that should allow to achieve a capture capacity of 40 Mt/y in 
2017. Furthermore,11 other projects are in Define Stage and represent an additional capture 
capacity of around 15 Mt/y (see Fig.2). Considering further new projects in the early stages of 
planning, the most optimistic predictions give a total CO2 capture capacity of 80 Mt /y of CO2 by 
2020, which is only about 1% of the IEA’s 7 Gt CO2/y estimate to achieve the 2°C target scenario 
in 2050 [2]. Therefore, the CCS market should grow exponentially in the next decades. It also 
means that, the storage (or use) of CO2 in huge amounts is a pre-requisite for considering CCS as 
a key lever of the energy policy to reduce GHG emissions. 

 

Figure 2: Actual and expected operation dates for large-scale CCS projects [3] 



2.2 CO2 storage 

 CO2 storage is usually considered in 3 main geological media [4] : 

1. Deep saline aquifers made of porous and permeable rocks saturated with salt water and  
brines. These formations are present worldwide, both offshore and onshore, and have the 
largest CO2 storage capacity of all geological formations, 

2. Oil and gas reservoirs, especially where Enhanced Oil Recovery (EOR) can be 
implemented. In this case, CO2 is injected into the well at a pressure level such that CO2 
and crude oil are miscible. In this way, the viscosity of oil is reduced and the CO2 pressure 
ensures the driving force for the extraction. Up to 40%  of the residual oil left after a 
primary production can be extracted with this method and a large amount of CO2 can be 
stored permanently,  

3. Deep coal unmineable beds, especially  where methane is trapped into the porous 
structure. As for EOR, injection of CO2  could simultaneously enhance the recovery of 
methane and ensure the CO2 sequestration. However, previous studies have shown that 
the potential of this kind of storage is limited due to leakage risks and limited available 
storage capacities.    

Deep ocean storage concepts have also been investigated by dissolving CO2 into the water, 
possibly below 1,000 m depth, or preferentially below 3,000 m depth where CO2  will be liquefied 
and sunk to the bottom due to its higher density than the seawater. The potential is great, but in 
both cases, the addition of CO2 in the ocean will affect the seawater acidity (by reducing the pH) 
and impact on the marine ecosystem. More studies are required to assess the environmental risk 
before considering this storage. This route is not considered anymore except in Japan. 

The criteria to be considered for the assessment of storage capacity are well-known and relate to 
technical, economic and regulatory issues. Technically, a combination of physical and chemical 
trapping mechanisms and characteristics need to be considered at different timeframes to estimate 
storage capacities [5]. The costs for geological storage depend on reservoir type and geology. The 
literature provides a wide range of costs which may vary from 1 to 18 (2013 $/tCO2) [6]. More 
specifically, for EOR applications, due to potential oil production benefits, CO2 storage has an 
economic viability that relates to the cost of available CO2 compared to the oil price: at 100 $/bbl oil 
price, an acceptable CO2 cost should be in the range of 40$/tCO2 . The driving force for developing 
CO2 storage through EOR business is therefore the oil price. From a regulation point of view, 
public safety and environmental protection is the priority. Several studies have been conducted to 
assess the risk of CO2 leakage [4]. The leakage through cap rock will be very slow but other risks 
for surrounding environment, such as groundwater and soil acidification need to be evaluated. On 
the contrary, leakage through permeable pathway, especially close to the injection well, can evolve 
faster and become harmful for health. In any case, proving appropriate storage capacity requires 
several years and long-term monitoring must be carried out to ensure sealing of the storage during 
several thousand years.  

Based on these criteria, the prospects for storage of CO2 are mixed at the present time. On one 
hand, all detailed regional surveys of storage resources that were conducted in most developed 
countries have shown that available storage capacities exceed the storage needs. For instance, 
the US DOE indicates that 1.600 Gt of CO2 could be stored in the US, representing more than 250 
years of current CO2 emissions in the US [3]. In Europe, the EU GeoCapacity project [7] estimated 
a total European storage capacity of 126 Gt, to be compared with the 2 Gt/y total emissions 
resulting from large stationary source. From a technical point of view, storage of CO2 is, thus, a 
suitable solution. On the other hand, market incentives and long-term environmental policies are 
yet not sufficient for creating a positive business case for CCS. Last but not the least, several 
social science studies [8] show that public perception of CCS is mainly focused on the risks linked 
to the transport and storage of CO2. To obtain adhesion and general public acceptance, we need 
the recognition that global climate change is a serious problem and that a reduction of CO2 
emissions is needed [9]. Unfortunately, awareness seems still insufficient at this time. 
 



2.3 CO2 use 

If CO2 is not stored when captured, an opportunity could be  to consider CO2 as a feedstock for 
other applications. Indeed, there are many potential uses of CO2 [10] as shown in Fig.3. As stated 
before, without reacting, CO2  can be used in the Oil and Gas industry for Enhanced Oil Recovery 
(EOR), but also as a solvent in supercritical conditions, as a working fluid in refrigeration cycles or 
in the food industry. Considering chemical reaction, there are several opportunities to use CO2 as a 
reactant in organic synthesis, mineralization and carbonate formation, hydrogenation, dry 
reforming, electrolysis, photocatalysis and thermochemistry. CO2  is already used as a chemical 
feedstock for urea and polycarbonates synthesis and is seriously considered for methane, 
methanol synthesis and fuel production [10]. It can also be used as a feedstock for biological 
transformation, to produce microalgae or in biocatalytic processes. 

 

Figure 3: The different routes considered for CO2 upgrading 

However, at present, the amount of CO2 used as a resource for CO2 upgrading processes remains 
limited (in the range of 200 Mt), due to several difficulties explaining why CO2 use cannot be 
considered yet as a global solution for global warming mitigation: 

• The CO2 molecule is extremely stable. A lot of energy is needed, either directly or indirectly 
(through a reducing agent such as H2) for CO2 conversion.  In each specific case, apart from 
economic benefits, the energy balance and environmental impact have therefore to be 
evaluated carefully.  

• In general, the market of products resulting from CO2 conversion is rather small compared 
to CO2 emissions. As an example, the methanol market worldwide is in the range of 65 Mt/y 
representing about 0.2% of the CO2 emissions. The formic acid market is much smaller, in 
the range of 0.7 Mt/y. 

• Valuable concentrated CO2 sources are limited yet and expensive capture and purification 
processes have to be implemented upstream of the CO2 reaction process.  

Additionally, for most applications, the CO2 storage time period depending on product lifetime is in 
most case shorter than a year.  As a consequence, fossil carbon use may be avoided but CO2 
concentration in the atmosphere will not decrease significantly if CO2 use increases. 

The Power to Gas Concept, taken as an example, illustrates some of the issues related to CO2 
use.  Power to Gas is a new area of research and innovation in Europe [11]. This concept was 
originally developed in Germany to convert excess renewable electricity into methane. CO2 
(usually coming from biogas plants) is converted to methane while using hydrogen produced by 



water electrolysis. However, due to the lower price of natural gas compared to electricity, CH4 
produced by methanation is much more expensive than natural gas. Furthermore, the energy yield 
is not very high compared to existing alternative electricity storage solutions. In the end, even if all 
the CO2 produced nowadays by German biogas plants  (the largest biogas producing country) was 
converted into methane, this would correspond to  roughly 10 Mt CO2 converted per year, about  
1% of the present German CO2 emissions. In Germany, there are presently other possible 
justifications to power to gas (the electricity network is more limited than the gas network..) but, 
clearly,  the economical challenge is huge and the potential impact on CO2 emissions remains 
limited.  

Among the different routes available to upgrade CO2 (see Fig.3), mineralization may adress large  
markets in the range of 100 kt to 1 Gt CO2 and sequestration periods in tens of years [10]. 
However, in most cases, since CO2 is a very stable molecule, the energy needed to achieve CO2 

transformation  is high and the product’s added value is small. Therefore economics is challenging. 
Fuel markets may adress still larger volumes (2-3 Gt CO2), but the development status is still very 
preliminary and the economical challenge is also huge in this case.     

2.4 CCS techniques and capture cost 

CO2 capture processes can be divided into three categories: pre-combustion, oxy-fuel combustion, 
and post combustion. To date, most of the industrial CCS operations are performed using gas 
treating technologies such as amine solvent, adsorption or distillation, preferentially in pre-
combustion for the major plants in terms of capacity (Century Plant, Shute Creek, Great Plains, 
etc.) or in post-combustion in the case of Power Plant retrofit (Boundary Dam, Brindisi, Tampa, 
etc.). Oxy-combustion is less developed nowadays and still requires a first reference at large scale 
such as FuturGen 2.0 and White Rose in England. 

Pre-combustion systems normally involve a first step of converting the fuel into hydrogen and CO2 
via reforming and shift reactions. Carbon dioxide is then captured and stored. Finally, hydrogen, as 
a carbon free fuel is burnt with air. The CO2 separation step is claimed to be easier compared to 
post combustion systems thanks to the fact that the flue gas is more concentrated and at higher 
pressure in this case.  

Oxy-fuel combustion consists in the use of pure oxygen instead of air. In this technology, a portion 
of the flue gas is recirculated back into the combustion chamber to control the flame temperature in 
the absence of nitrogen [12]. TOTAL has tested gas feed oxy-fuel combustion in a 30 MWth pilot in 
Lacq, France combined with CO2 transportation and underground storage [13]. Coal oxy-fuel 
combustion was also studied and demonstrated at large scale: Vattenfall operated a 30 MWth coal 
oxy-fuel power plant demo in Schwarze Pumpe (Germany). At present, large industrial projects 
such as the White Rose project in England (FEED stage) have been very seriously considered , 
but have then been cancelled due to financing issues in the present CO2 market context. Air 
separation cost and energy penalty, combustion flame temperature control, corrosion in the 
recirculation line, and CO2 purification are some of the existing challenges related to this 
technology. 

Post combustion capture includes a large number of technologies such as chemical solvent 
absorption, solid adsorption, membrane separation, cryogenic separation, and pressure swing 
adsorption [14]. Mono-Ethanol Amine (MEA) based absorption technology is presently the  most 
developed system, already used industrially for several applications such as sour gas washing. 
This technology is considered as a reference case for CO2 capture regarding to its maturity. 
However, there is a high additional energy penalty in the electricity yield for CO2 capture of about 
10 % [15] and amine make-up is significant due to high oxidative degradation of the MEA Solvent. 
Some breakthrough solvents alternative to MEA are now proposed to reduce the energy penalty 
and solvent degradation, such as the DMXTM process developed by IFPEN using a phase change 
solvent to reduce CO2 capture cost  [16]. 

Abanades et al. [17] recently reviewed alternative emerging CO2 capture technologies using 
adsorbent, membranes and Chemical Looping. Among these solutions, CLC is commonly 



considered as a second generation of oxy-fuel combustion where an oxygen carrier is used to 
transfer oxygen to fuel. The intrinsic O2 separation resulting from the combination of the oxygen 
carrier circulation and  the split of combustion into two combined sections permits to produce CO2 
streams without air separation unit.  Therefore, the energy penalty can potentially be greatly 
reduced. Industrial process simulation by Authier and Le Moullec [18] shows that CLC can attain a 
net electrical efficiency of up to 41.6 % compared to 45% for a CFB unit without CO2 capture with a 
high pressure steam of 280 bar at 600 °C. Most of t he energy penalty relates to CO2 compression. 
Similar conclusions were obtained in the Encap European project 5 years ago [19]. A simplified 
techno-economic evaluation was carried out to study CO2 capture and compression up to 110 bar. 
Several capture technologies were evaluated including a 455 MWe CLC with coal feed. CLC 
estimates were favorable with a limited 20% additional electricity cost and a very low CO2 capture 
cost estimated in the range of about 10 €/ton of CO2 (2004); a 42% electrical efficiency was 
estimated with CLC, to be compared with  the 45% electrical efficiency obtained for the reference 
case with coal feed.  

In the frame of the IFPEN-Total collaboration for CLC development, we conducted recently a 
detailed techno-economic study in order to compare several CCS technologies using a reference 
coal power plant project  of 630 MWe, with the same economical basis (France, 2012). A large part 
of the supply costs for CLC were estimated through suppliers. Natural ore with a supply cost of 
1€/kg was considered, and the unit inventory was supposed to be renewed three times a year due 
to aging. We studied the impact of the CO2 capture process on CO2 avoidance cost and energy 
efficiency. In Table 1 below, the CLC estimates and the results obtained with a standard post 
combustion process using 30% MEA Amine washing process are compared to the reference case. 
The energy penalty related to CO2 capture with CLC is estimated to 4.9%. More than 80% of this 
energy penalty corresponds to the CO2 compression cost for transportation. In the same conditions 
but with conventional post-combustion amine processes (or with oxycombustion processes), the 
overall energy penalty including CO2 compression cost is about twice the energy penalty of CLC. 
In this study, we could estimate CO2 avoidance cost for CLC in the range of 37€/t, to be compared 
with the costs obtained with amine (and oxycombustion processes) in the range of 50-60€/t. With 
CLC, the overall investment cost would be increased by 50% compared to 70% with standard 
amine solutions.   

 

   Table 1 : Impact of CO2 capture on electric yield and production cost 

Clearly, amine and oxycombustion process developments are much more advanced, with existing 
large scale demos and plants in operation, while  CLC is still at the development stage. This study, 
however, points out the promising potential of CLC with expected reduced energy penalty and 
lower CO2 avoidance costs.  One has to keep in mind, however, that, whatever the process 
considered, CO2 avoidance cost is and will remain significant. This results from additional 
investments required to capture CO2 (in large power plants, this corresponds to hundreds of 
millions of dollars) and additional operating costs. From an industrial perspective, this charge can 
only be justified by a CO2 market value and incentive policies. 

2.5  CO2 market  

Implementation of CO2 capture is an additional cost for the main industrial CO2 emitters (Power 
industry, Refineries, Cement and Steel industries)  that needs to be justified by CO2 market value 



and incentive policies. A recent benchmark study conducted by  IPCC [6]  provides an update of 
CCS costs based on  a literature review. They conclude  that carbon prices in the range of $50-
100/ tCO2 are required to make CCS attractive (80-90% of this value is justified by capture). These 
values could be positively reduced with new capture processes such as CLC or by giving a value 
to CO2, depending on CO2 use (for instance up to $10-60/tCO2 considering EOR credits 
depending on price of oil as discussed earlier).    

In order to motivate huge investments required for CO2 capture, it is necessary to develop 
structured CO2 markets. On this point, even if climate warming is a worldwide issue with global 
consensus requirements (e.g. COP21 in Paris), the deployment of CCS should probably be 
investigated on a regional scale to integrate the specificities of each area in terms of economy 
(developed or developing countries), type of energy available (coal, oil, gas) and  environmental 
constraints. Indeed, the six largest CO2 emitters representing about 70% of global emissions [20] 
are  implementing different strategies to tackle the issue : 

• China is the first CO2 emitter worldwide (almost 10 Gt in 2014) and should continue to 
increase its emissions for at least another 10 years. As a result, China intends to 
demonstrate strong policy support for CCS and plans to implement a national emissions 
trading scheme from 2016 with the goal to achieve the peak of emission in 2030 at the 
latest.  

• The United States is the first CO2 emitter for developed countries and is ranked second in 
the world with nearly 6 Gt of CO2 emission in 2014 [21]. The political will was recently 
reaffirmed through the common US-China declaration to reduce emissions by 28% in 2025. 
A recent study from Synapse Energy Economics [22] forecasts a generalization of CO2 
market in the US in 2020 and an increase of CO2 price to $25-54/tCO2 in 2030 and to $45-
120/tCO2 in 2050 (expressed in 2014 dollars). 

• The European Union has created the first Emissions Trading System in 2005 but the 
economic downturn didn’t allow the deployment of the market. The EU has a common goal 
of reducing the emissions by 40% (based on 1990 emission rate) by 2030, and has 
launched the large funding program  NER300 to support demonstration of new 
technologies at commercial scale.  

• Russia and India are each ranked in the top five but policy incentives are still at a low level 
in these countries [5]. They focused on other means to achieve their goal of decreasing 
CO2 emissions and do not strongly support research for CCS technology. 

• Japan has to face with an increase of its CO2 emissions since the government decided to 
replace the nuclear energy by natural gas and coal after the Fukushima disaster. The goal 
of reducing emissions by 26%  (based on 2013 emissions) by 2030 should create 
opportunities for CCS.  

 
To date, pricing mechanisms have been launched in most of the major emitting countries (UE, US, 
China, Japan, Australia, Mexico, South Korea, Canada, etc.). There is progress, as shown in Table 
2 below, but these regional pricing mechanisms still cover less than 12% of worldwide emissions. 
 

 
 

Table 2: Part of global emissions covered by national or regional pricing mechanisms  
 

part of emissions 

covered  by pricing 

mechanism

1990-2004 first carbon tax in Nordic countries and poland 0.30%

2005-2011 EU emission trading system 4%

2012 carbon market in California, carbon Tax in Japan 7.40%

2013 Regional carbon marketslaunched  in China 9.60%

2016 present situation 12.30%



  

Over the last years and still presently in 2016, CO2 policies remain limited and resulting CO2 prices 
are still very low, as shown in Fig.4. However, a positive outlook has emerged from the recent COP 
21 since the part of the worldwide emissions that will be covered by CO2 policies is expected to 
range up to 85% of global emissions in a near future. Therefore, all the commitments made by the 
governments should result in a driving force for developing CCS resulting in higher CO2 prices. At 
present, a progressive increase is expected, both in Europe and in North America, as shown in 
Fig.4. This suggests that CO2 prices may be in the range of 30-35€/t in 2030, which is in the range 
or below present CO2 avoidance cost estimates. Based on this trend, over the last years, most of 
the development roadmaps for CCS have been delayed by roughly ten years, from 2015-2020 to 
2025-2030 compared to the ambitious plans that were considered before 2010.  

 
 

Figure 4 : CO2 price in Europe over the 2006-2015 period and projections to 2030 in Europe and in 
                 the US 

 
3 CLC Development status 

 
3.1 CLC applications 

Chemical Looping has gained a lot of interest after Ishida et al. [23] proposed the use of CLC as a 
mean to capture CO2.  Ishida et al. [24] proposed the term Chemical Looping to describe a high 
exergy efficiency combustion process using metal oxides as reaction intermediates. As pointed out 
by Fan et al. [25], several researchers had already considered the use of metal oxides as 
intermediates to conduct several redox reactions  to produce either  hydrogen, CO2 or syngas early 
in the 20th Century.  More recently in the 80s, an important R&D work was dedicated to the 
production of ethylene and ethane (oxidative coupling of methane) as well as maleic anhydride 
[25] using metal oxides. With the increasing concern of global warming in the 90’s, the reduction of 
CO2 emissions in the atmosphere through carbon capture and storage has motivated a lot of new 



investigations, including Chemical Looping, which became a promising concept motivating 
important R&D effort. Over the last five years, the number of records addressing Chemical Looping 
in the Web of Science database dramatically increased and is in the range of 200 scientific 
publications per year. A new International Conference is now dedicated to CLC since 2010 and 
happens every 2 years (2010 at IFP Energies nouvelles in Lyon, France; 2012 at TU Darmstadt in 
Germany; 2014 at Chalmers University in Sweden; 2016 at Southweast University in Nanjing, 
China). Most of the research in Chemical Looping using metal oxides as oxygen carriers clearly 
focused on hydrocarbon combustion for CO2 Capture and Sequestration (CCS) and reforming 
technologies, as discussed by Adanez et al. [26]. The Chemical Looping concept can also be 
extended to CO2 capture in post combustion flue gases using adsorbents [27]. 

Over the last years, a considerable amount of work has been conducted on CLC, covering almost 
all kinds of hydrocarbon feedstocks. Researches were initiated by methane combustion studies 
and focused on oxygen carrier screening, small scale batch reactors and pilot plants, with the first 
trials in the GRACE project at Chalmers [28]. Based on this work, research rapidly extended  in 
several places [29-32]. However, since most of the CCS concerns relate to coal combustion, the 
experimental tools were also progressively adapted in order to study and develop coal or pet coke 
combustion, either through in situ gasification and further combustion of syngas [33-36] (solid 
fuelled CLC),  coal gasification followed by syngas Chemical Looping Combustion [37-38] (syngas 
CLC) or Chemical Looping Uncoupling (CLOU) process [39] where the solid fuel is burnt  with 
gaseous oxygen released in the fuel reactor by the oxygen carrier [26]. Liquid fuel combustion was 
also investigated [40-41]. Alternative resources such as biomass and wastes have also been 
considered, with further GES accounts benefits. Indeed, in the early stages of investigations for 
solid fuel combustion, plastic waste and wood combustion were also studied at small scale [42], 
and soon extended at pilot scale [43].  Despite the Chemical Looping Combustion principle being 
simple, oxygen carriers, operating conditions and technologies have to be optimized depending 
upon the nature of the hydrocarbon feedstock [26]. Therefore, specific research and development 
is required depending upon the specific application considered.  

For combustion applications, the pressure should be kept as low as possible in order to minimize 
energy compression cost. The combustion temperature relates to the kind of feedstock and oxygen 
carrier used. Very high temperature in the range of 850-950°C may have to be considered in the 
fuel reactor operating with solid fuels [36], resulting in higher temperatures in the air reactor as a 
function of heat balance requirements.    

The other main field of investigation for Chemical Looping studies relates to Chemical Looping 
Reforming for hydrogen production. Indeed, hydrogen production through standard steam methane 
reforming generates also large amounts of CO2 diluted in N2. Therefore, several teams started to 
focus on the integration of CO2 capture processes with the H2 production process using Chemical 
Looping concept [25, 44-45]. Alternatively, H2 can also be produced from syngas from coal 
gasification using Chemical Looping concept as proposed by  Fan [46]: syngas is first used to 
reduce metal oxide that is then oxidized with steam in a distinct reactor to produce pure hydrogen. 
In order to minimize energy compression cost, a Chemical Looping Reforming process should 
probably be operated at high pressure. This needs to be accounted for when considering reactor 
technologies and  high pressure operation may create additional scale-up issues with 
interconnected fluidized bed reactors.  

3.2 Oxygen carrying materials 

A large number of oxygen carriers have already been considered and tested for Chemical Looping 
applications [26]. Two main oxygen carrier categories can be distinguished : synthetic particles 
and natural ores. The oxygen transfer capacity and reactivity of the oxygen carriers depend on the 
nature and amount of active phase in the particles, as well as on the possible interaction with the 
ceramic support. As a rule of thumb, Ni and Cu based particles are the most reactive, but their cost 



is higher than Fe or Mn based oxygen carriers  and toxicity is a major concern with Ni particles. 
Thermodynamic limitations as well as toxicity and cost make Co based particles uninteresting. 
 
Most of the studies relate to synthetic particles, since it is possible to tune their reactivity, oxygen 
transfer capacity and mechanical resistance. They are generally composed of an active phase (a 
metal oxide of Mn, Fe, Co, Ni and Cu, or a mixture thereof) mixed with a ceramic binder or support 
(typically alumina, silica, yttria, clays…) which prevents the fast deactivation observed with pure 
metal oxides and improves their mechanical stability (i.e. attrition) . The preparation of synthetic 
particles has mainly been performed either by impregnation of the active phase on a support with 
adequate particle size distribution, or by spray drying of a suspension containing the required 
starting materials [26]. High temperature calcination is then usually applied to the particles in order 
to enhance their mechanical resistance. While producing spherical particles in the 50-100µm range 
(for the FCC process) is easily achievable at industrial scale by spray-drying, increasing the 
particle size to the 100-300µm range that is often required to meet the CLC process constraints is 
not as straightforward. Pilot scale production of CLC particles by spray-drying has been achieved 
by different groups [47- 48], and scaling up is currently being addressed in the SUCCESS 
European Project. The cost of synthetic particles is significant and usually in the range of 10€/kg. It 
is mainly determined by the cost of the selected starting materials (hence by the chosen 
formulation) and by the shaping method (spray-drying, granulating, spin-flash drying, etc.). 
Impregnating the active phase on a pre-shaped support adds an extra step to the preparation of 
the oxygen carriers, adding to its cost.  
 
Fluidized bed testing of these synthetic oxygen carriers shows that they are adapted in terms of 
reactivity and oxygen transfer capacity. However stability of operation over time is still limited due 
to aging issues. This is a concern since aging will request particle addition to keep stable 
properties and clearly impact operating cost. De Diego et al. [49] observed attrition rate in the initial 
stage of the tests, but it did lower  to ‘acceptable’ levels (e.g. 0.04 wt%/h) afterwards. C.R. Forero 
[50] shows that upon longer testing time, the attrition rate of these particles suddenly increases 
drastically (Fig.4). Wei et al. [51] also reported the pulverization of iron based synthetic particles 
(Fe2O3/Al2O3, 70/30) after 60 h in a circulating fluidized bed.  
 
Several studies have also been conducted with natural ores (and to a lesser extent with industrial 
waste materials). Indeed, natural ores are at least an order of magnitude cheaper than  synthetic 
materials. As an example,  the price of Mn ore and the price of ilmenite are in the range of 0.15-
0.25 €/kg [17]. To be used in the CLC process, ores must be processed so as to reach the 
required particle size distribution, which adds to the actual cost of the oxygen carrier to some 
extent. The crushed and sieved particles are not spherical, which will increase their initial attrition 
rate as well as the pressure drop in the risers. Among natural ores, ilmenite (FeTiO3) and 
manganese ores have been particularly studied [52]. Their lower reactivity and oxygen transfer 
capacity compared to synthetic particles can be compensated by longer residence time in the fuel 
reactor. However, some studies suggest that manganese ores have poor mechanical stability and 
poor fluidizing properties making them unsuitable as oxygen carriers [53]. Stability is also an issue 
with ilmenite: the analysis of the used oxygen carrier shows that the porosity of the particles 
increases with time on stream, and that the chemical and mechanical transformations experienced 
by ilmenite particles in a 100 kWth Chemical Looping combustor led to their breakdown into 
particles unfit for use in a circulating fluidized bed [54]. Expected lifetime of ilmenite has recently 
been estimated in the range of 300 h, based on long term testing in a 100 kWth circulating fluidized 
bed at Chalmers [55]. 
 
Aging of oxygen carrier is therefore presently a strong concern for both synthetic materials and 
natural ores. According to L.S. Fan et al. [25], the early studies on oxygen carriers for CLC 
applications failed to recognize the prevalent role of cationic and anionic migration inside the 
particles, which possibly entail the phase segregation reported above in ilmenite, as well as the 
formation of cavities/macropores, agglomeration and/or sintering. Our own experience [56] is 
consistent with this statement. Indeed, we observed large porosity increase with some manganese 



ores in IFPEN’s 10 kWth circulating fluidized bed, leading to the pulverization of some particles 
after 144 h of continuous combustion (387 cycles). With nickel based synthetic particles 
(NiO/NiAl2O4), a porosity increase and nickel migration was observed after 250 cycles in a batch 
fluidized bed, but the particles remained fluidized and reactive, while copper based particles 
(CuO/Al2O3) did not withstand the same number of redox cycles. The alumina matrix was 
shattered, leading to the formation of large amounts of fines, and copper migration/sintering was 
observed. The reasons for such differences in attrition behavior between natural ores and various 
synthetic particles are not yet fully understood, but promising results have been obtained in long 
term cycling experiments (up to 500 cycles) in batch fluidized bed with synthetic particles carefully 
designed to minimize metal ions migration. With regards to aging behavior in CLC processes, one 
therefore has to ensure that the particle’s physical and chemical properties are not drastically 
evolving with the number of redox cycles, and long test periods should be favored.  
 
The choice between natural ores and synthetic particles will very much depend on cost and on 
expected lifetime of the particles in the circulating fluidized bed. End of life and recycling of the fine 
particles generated in the CLC process have to be considered in the early stages as well. Indeed,  
aging of oxygen carriers  in the industrial units will result in large amounts of waste materials 
heavily loaded with metals. Extensive research is still required to improve the properties of oxygen 
carriers. In general, oxygen transfer capacity and  reaction kinetics are favorable with synthetic 
particles compared to natural ores, but there still is a need to improve their performance in terms of 
mechanical stability and active phase migration so as to be able to increase the number of cycles 
achievable in order to minimize CO2 capture cost.  
 
 

3.3 Pilot plants 

Chemical Looping Combustion is a complex process involving rapid contacting in opaque 
multiphase flow, with solid transportation at high temperature. It is therefore essential to develop 
appropriate experimental tools in order to support R&D and scale-up toward industrial applications.  

Small scale reactors have been widely used over the last  fifteen years to test and select 
appropriate oxygen carriers. Indeed, in thermal gravimetric analysis (TGA), very small amounts 
(milligrams) of materials are necessary. Therefore, TGA has been widely used for oxygen carrier 
screening studies. However, TGA use remains  limited due to internal mass transfer limitations 
[57]. Small scale fixed bed and fluidized reactors have also been used [58]. These reactors are 
mostly used for gaseous feeds such as methane or syngas.  

Batch operation is conducted by alternating oxidation and reduction conditions.  Extensive cycling 
studies are possible but are usually limited (10-20 cycles typical in most cases). The cycling at this 
stage therefore remains rather small compared to the high number of cycles that is expected 
industrially (in the range of 10 000-20000 cycles minimum). When dealing with  liquid and solid 
feedstocks, specific tools have to be developed in order to address feed introduction properly and 
achieve reasonable mass balances. These reactors are usually fluidized beds operating in batch 
[35, 40, 59].  

At IFPEN, using such reactors as shown in Fig.5 and 6 with solid fuels, we could investigate 
reaction mechanisms at small scale while achieving reasonable mass balances in the range of 95-
105% and injecting limited amounts of feedstocks in the range of 1g [35]. It was also possible to 
evaluate the evolution of performances as a function of the number of cycles by automating the 
experiment for cycling (operating with gas injection only, however). Up to 500 cycles could be 
achieved on the same particle samples (unpublished work). However, when long term operation is 
desired on complex feeds with accurate mass balances, large scale continuous pilot plant is then 
obviously preferred and needed.  



 

 
Figure 5:  50 mm i.d. batch fluidized bed reactor for 
                  solid fuel Chemical Looping Combustion 
                [35] 

Figure 6:  Experimental set up around the batch  
                   fluidized bed reactor [35] 

For continuous pilot plant operation in CLC, separate reaction zones with continuous circulation of 
solids are needed. Apart from specific technologies related to CLC process constraints, since the 
pilot scale is usually small, due to the high temperature operation, thermal losses are important, 
and it is essential to compensate for heat losses at the wall and to thermally assist the operation 
during start-up. Several options are possible, among them: insert the whole pilot in a given furnace;  
specifically control temperature in each pilot section with dedicated heat tracers. Usually at small 
scale, due to heat compensation and control strategy, temperature in each reaction zone is fixed 
by the operator and results from the heat tracer compensation. This is a pseudo iso-thermal mode 
and it is different from expected industrial operation which is adiabatic. Heat balance calculation 
can support temperature selection in order to simulate pseudo adiabatic operation as a function of 
solid circulation. When the pilot size increases, heat compensation becomes more and more 
difficult due to increasing compensation required. At a certain scale, it becomes  obvious to 
consider adiabatic operation  while minimizing heat losses using insulation and refractory lining 
[60-61]. However, insulating large pilot plant piping with refractory is more difficult than insulating 
industrial plants due to the smaller size of piping. The temperature control strategy as a function of 
scale is therefore an important issue, that will clearly affect the results obtained and the cost of 
experiments. Similarly, depending on the pilot plant objectives, the reactor technology considered 
at the pilot scale can either be representative of industrial expected operation, or alternatively, the 
differences have to be accounted for when dealing with the results.    

Over the last ten years, about twenty continuous pilot plants have been erected all over the world, 
with capacities ranging from 10 kWth up to 150 kWth, as discussed by Adanez  et al.[26]. Most of 
these units   focused on gas and solid fuel testing, including a large pilot unit of 1 MWth built at 
Darmstadt [60-61] and a 3 MWth limestone CLC pilot plant unit at Alstom Power Plant laboratories 



[62]. Among these pilots, a number of pilot plant have been erected over the last five years in 
China [51, 63-66] in relation with the large coal combustion needs and concerns in this country.  
As an example, the 10 kWth IFPEN pilot plant design [32] is represented in Fig.7. It was originally 
designed for methane and syngas combustion and, later, the fuel reactor was modified (see Fig.8) 
in order to study the combustion of solid fuels [36]. When the size of the pilot increases, operation 
complexity also increases and the amount of oxygen carrier required can be limiting due to the 
availability of materials. This is particularly true for synthetic materials. 

As reported, in most of these pilots, it was possible to achieve continuous CLC combustion and to 
investigate the impact of operating conditions on fuel conversion during significant but limited  time 
periods, resulting in limited redox cycling over time, (in the range of 100-200 cycles maximum 
typically).  Indeed, it is not easy to maintain stable operation over long time periods with the same 
inventory at small scale, since oxygen carrier aging due to chemical or mechanical constraints 
attrition may create operation issues [54]. Depending upon pilot plant design and objectives, 
several important information can be consolidated. As an example, Lyngfelt and Linderholm [55] 
highlight the importance of volatiles flow control as a function of solid fuel distribution in the reactor. 
Clearly , based on all the work published, the CLC concept is well demonstrated at the pilot scale 
for gas and solid fuel combustion as well as for hydrogen production, but in most cases over a 
limited number of redox cycles in the range of 100-200 due to oxygen carrier aging limitations. 

  
 

Figure 7:  IFPEN 10 kWth pilot plant lay-out  for  
                steady state gas CLC combustion study 
               [32] 

Figure 8: IFPEN 10kWth fuel reactor  
               modified for solid fuel 
               combustion study [36] 

The next step is to demonstrate the technology over time at larger scale. However, for further 
developments, the challenges are numerous. Large scale testing is expensive and requires both 
confidence in the technology, oxygen carrier aging and market short term needs. Over the last 
years, CO2 prices falling and stabilizing in the range of 5€/t have been very detrimental for short 
term perspectives in CO2 capture markets. At Total and IFPEN, we conducted a feasibility study 
and a basic engineering study to erect a 3 MWth demo unit (DECLIC project) in 2011-2012, as 
shown in Fig.9. With earlier CO2 markets, that unit would have been operating today [67]. At the 
same time, Cennovus [68] also had a 10 MWth CLC gas combustion unit project to produce SAGD 
steam in order to produce heavy oil bitumen in Canada that was not confirmed later. The most 
advanced Chemical Looping demo project is most likely the Ohio State University high pressure 
pilot syngas Chemical Looping unit at 250 kWth to 3 MWth scale in Wilsonville, Alabama for H2 
production [25]. According to L.Shen [69], the Chinese government is planning to support the fund 
to build an industrial pilot CLC device in the next 10 years, and the plan will be issued shortly. 



 

                                       Figure 9: 3MW demo design for the Declic project [67] 

                                      

4. Fluidized bed technology for CLC 

Several technologies have been considered for CLC, including rotating reactors, alternating fixed 
beds, moving beds and interconnected fluidized beds systems [25-26]. For large scale applications 
such as coal combustion for power generation, fluidized bed technology is probably the most 
appropriate technology, offering the largest quantities of gas per unit cross section. Indeed, typical 
new CFB boilers nowadays have power generation capacities in the range of 250 MWe [70] and 
larger plants in the range of 500 MWe have already been erected. In the future, CFB boiler capacity 
in the range of 800 MWe are anticipated [70]. Therefore, it is mandatory to consider large power 
capacities as ultimate targets for CLC units dedicated to coal combustion with CO2 capture. Large 
scale operations are better optimized for energy efficiency (supercritical steam cycles as an 
example). Furthermore, CLC is the first step of the CCS process and large scale will also help to 
optimize and minimize costs related to transport and storage. Recently, EDF in France published a 
process investigation study for CLC coal combustion considering a 250 MWe power plant electrical 
capacity [18]. In the past, scale-up of the technology was considered for 455 MWe power plant 
capacity in Encap European project [71].  

At a large scale, the circulation of large amounts of oxygen carriers has to be considered in 
between the air reactor and the fuel reactor. As an example, a rough calculation shows that a 200 
MWe Coal CLC unit would require a solid circulation flowrate in the range of  2 t/s, while 
considering an oxygen transfer Ro∆x corresponding to 2% of the solid circulation flowrate. As a 
comparison, industrial FCC units operate with catalyst circulations typically in the range of  0.3 t/s 
to 1.5 t/s of catalyst. Also, in the early stage of R&D it is important to have an estimate of the main 
equipment size in order to have an idea of the construction cost and assess the process feasibility. 
As a rough estimate, the same CLC unit discussed before would probably need an air reactor riser 
in the range of  11 m i.d. if considering gas superficial velocities in the range of 6 m/s. This is large 
compared to today’s FCC risers, but rather small compared to large CFB boilers with cross 
sections in the range of 9 x 21m. All this supports the fact that large CLC coal power plants are 
achievable, but  process optimization and scale-up issues have to be carefully considered.  



Scale-up issues relate to reactor size and geometry, to solid circulation flowrates, but they also 
relate to the oxygen carrier chemical and mechanical stability over time, as pointed out above. 
Oxygen carrier stability issues have been encountered in pilot plants and to summarize where R&D 
stands nowadays, oxygen carrier stability is presently limited  in the range of 100-200 h of 
operation, which corresponds to 250-500 cycles. However, a large scale plant is expected to 
operate continuously with time on stream in the range of 8000 hours/year. Depending on the 
oxygen carrier stability, continuous addition will be needed to maintain a constant activity and 
inventory in the unit, and the amount of oxygen carrier added over a year can be compared to the  
oxygen carrier inventory in the unit. Without any addition, a stable oxygen carrier would probably 
cycle in the range of 30000 to 60000 times per year. If oxygen carrier addition corresponds to 1 
inventory, the number of cycles will be divided by 2.  

We conducted a detailed estimate of CO2 avoidance cost for a large 630 MWe coal power plant 
composed of 3x525 MWth CLC plants in parallel. To assess the sensitivity of material cost and 
stability issue, the CO2 avoidance cost was estimated for a cheap natural ore (price delivered on 
site = 0.5€/kg) and a cheap synthetic material (price delivered on site = 5 €/kg). The number of 
CLC unit inventories added per year for stability issues was varied from 1 to 6, as shown on Table 
3 below. Clearly, the impact on the CO2 avoidance cost is very significant for synthetic materials 
since the avoidance cost is multiplied by 2.5 when inventory is changed 1 or 6 times 
(corresponding to cycling capability reduction from 15000-30000 to 2000 to 5000 cycles typically. 
The impact is less important for natural ores. However, 2000-5000 cycles is about 10 times the 
maximum length of operation achieved up to now.  Therefore, the oxygen carrier stability issue is 
also quite critical to consider and there is still a lot of work that needs to be conducted to improve 
material stability.    

 

Table 3: CO2 avoidance cost as a function of number of solids inventory used per year 

Reactor technology covering fluidization flow regime aspects, inlets and outlets configurations, 
appropriate geometry to control residence time and mixing, has to be optimized for performances 
as a function of process constraints. Apart from energy efficiency, CO2 capture efficiency (typically 
expected in the range of 90%) needs to be considered, together with other important aspects such 
as the amount of unburnt coal and hydrocarbons in the flue gas to maximize combustion efficiency. 
Research has been conducted with several different pilot plants to investigate CLC combustion 
and the following conclusions were evident: 
 

• coal combustion results from gasification of char (time limiting step) and combustion of 
syngas, 

• unburnt coal / char has to be separated from oxygen carrier at the fuel outlet to 
 maximize CO2 capture, and 

• enough contact has to be provided between oxygen carrier, syngas and devolatilization 
materials for combustion efficiency. 

At pilot scale, most of the pilot plants erected up to now use a bubbling fluidized bed fuel reactor 
with long residence time to promote coal gasification and syngas combustion. As discussed by 
Lyngfelt and Linderholm [55], coal feeding is essential to avoid bypassing of devolatilized 
materials. In their early pioneering work [33], solid fuel was introduced in the dilute phase of the 

Number of inventory renewal 1 per year 3 per year 6 per year 

CO2 avoidance cost (€ /t CO2) 
with Natural Ore (0.5 €/kg) 30.5  33.3 37.3  

CO2 avoidance cost (€ /t CO2) 
with Synthetic Material (5 €/kg) 42.6  69.4 109.6  

 



fuel reactor, resulting in coal devolatilization and combustion bypassing for most of the volatile 
materials. In a more recent 100 kWth unit [55], fuel is introduced with oxygen carrier in the 
upstream loop seal and enters the fuel reactor at the wall but they still observe some bypassing of 
devolatilized materials. They advise that adequate fuel distribution is important in large industrial 
fuel reactors in order to minimize this phenomena at large scale. Other options are also possible: 
coal can be injected with an independent transport line in order to maintain a low coal temperature 
and minimize devolatilization prior to fuel reactor contacting [36]. 

With solid fuels, fuel residence time must be large enough in the fuel reactor in order to allow char 
gasification.  Recently, TU Vienna [72-73] proposed to increase fuel residence time in their CFB 
fuel reactor  by installing ring internals all along  the wall of the CFB. Such a configuration has 
being used in riser sections of FCC units [74]  Furthermore, ring internals limit overall solid mixing 
and this gives the possibility to achieve a countercurrent behavior of gas and solid. Counter-current 
approach is also proposed by TU Hamburg in their fuel reactor concept, but implemented in a two 
stage dense fluidized bed [75]. Residence time in the reactor also relates to the particle size of the 
solid fuel particles. Pulverized fuels are expected to react faster but will also be quickly entrained 
by transport gas from the fuel reactor conversion section, while large particles may react slowly but 
shall stay longer in the fuel reactor [61]. The fuel particle size is also important to consider for 
separation at the outlet of the fuel reactor since the exiting unburnt char particles will be recycled to 
the fuel reactor a topic discussion below.  

 

Figure 10: the fuel reactor concept developed by IFPEN and Total [67] 

There are several possible options to be considered for the combustor technology developments, 
as discussed above. Based on the reactions constraints and design criteria, some options may 
scale-up better than others. In our IFPEN-Total research group, we developed a new fuel reactor 
concept while analyzing reaction constraints combined with scale-up perspectives [67].  The 
reactor technology was adjusted to meet the CLC process constraints in order to maximize CO2 
capture and minimize energy penalty. In details, the CLC reaction zone is composed of two 
sections (fuel reactor/ air reactor). L-valves and Loop-seals are used to control solid circulation and 
gas leakage in between the reactors. A new fuel reactor design is proposed, as shown in Fig.10. 
The design provides enough time for gasification reaction in a first coal - oxygen carrier contacting 
zone consisting of a high velocity turbulent fluidized bed zone, All the effluents exiting from this 



zone then enter a riser transport section that provides  enough contact time for syngas and 
volatiles combustion. The effluents then flow through an integrated carbon stripper to separate 
unburnt coal and ash from oxygen carrier. Unburnt coal and fly ash are recycled back toward the 
fuel reactor. A 60%+ carbon conversion per pass is anticipated which would result in more than 
90% CO2 capture rate. The air reactor is designed as a circulating fluidized bed in order to achieve 
at least 90% O2 capture from the air and minimize energy penalty. The oxygen carrier flow is 
controlled by L-valves which can adjust the circulation in between each reaction zone. 

4.1 Control of circulation : L-valves 
 

Control of solids circulation is critical in order to control reactor performance in CLC. Indeed, in 
adiabatic industrial conditions, solid circulation will provide heat transportation between the air and 
the fuel reactor. As a consequence, solid flowrate will not only affect the reduction rate of the 
oxygen carrier, but also the temperature difference between air and fuel reactor. Due to high 
temperature conditions in CLC , the use of conventional mechanical valves is not economically 
feasible. Thus, non mechanical L-Valves were considered [76]. However, the use of L-valves then 
imposes to use particles belonging to group B of Geldart’s Classification in order to obtain fine 
circulation tuning, as theses valves are not capable of controlling Geldart Group A powder flow. 

The solids flow in non-mechanical valves results from drag forces exerted by aeration gas on the 
particles in bends. As represented in Fig.11, an L-valve is a simple non mechanical valve 
composed of an elbow  combined with an aeration located at the bottom of a standpipe. The actual 
flow that causes the solids to flow around the L-valve is not just due solely to the amount of 
external aeration added to the valve. Indeed, some gas is travelling up or down the moving packed 
bed standpipe with the solids. Thus, the amount of gas that flows around the L-valve bend is the 
sum of the standpipe gas internal flow and the aeration gas external flow. If the gas is flowing up 
the standpipe, then the amount of gas flowing around bend is the difference between the aeration 
gas external flow and the gas flowing up the standpipe [76-81]. 
                                                                                                                                

 
Figure 11 : L-Valve and loop seal configurations 

 



When aeration is added to a non-mechanical valve, solids do not necessarily start to flow 
immediately and the amount of initial aeration gas added to unlock solid circulation depends on 
several parameters. Above this threshold, additional aeration gas added to the valve will cause an 
increase in solid flowrate.  Non mechanical valves work best with Geldart Group B and D materials 
with particle size typically larger than 100 microns [80]. In general, L-valves cannot be used with 
Geldart’s group A to control the flowrate of solids, since in most cases, the flow would remain 
fluidized in the standpipe. 

Knowlton and Hirsan [78] have already shown in 1978 that the operation of a non-mechanical 
valve is dependent upon pressure balance and geometry of the system. Recent experimental work 
conducted with different L-valve sizes (from 20 mm to 240 mm) and different solids (ilmenite, sand 
and manganese ore) at ambient conditions [76-77, 82] show the link between the resulting solid 
flux Gs in the L-valve as a function of the actual gas velocity in the horizontal section of the L-valve 
(UH) and minimum fluidization gas velocity (Umf) ratio (see Fig.12 below). Depending on gas flow, 
very large solid mass flux can be obtained.  

 

 
 
Figure 12 : Solid flux as a function of adimensionnal gas flow in the L-valve  

 
The same trend can be found at elevated temperatures in the range of 25-750°C [80-81]. Based 
on all this, a general expression can be derived to model resulting solid mass flux: 
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The gas velocity UH in the horizontal section results from external aeration added to the L-valve 
and from gas flowing up or down in the standpipe, that needs to be evaluated as a function of 
pressure balance.  The value of G0 and k relate mostly to the L-Valve geometry and particle 
properties [81].  
 
In some cases, it is not necessary to control solids circulation but only to minimize gas leakages in 
between two interconnected fluidized bed systems. As an example, in CLC it is important to 
minimize dilution of the produced CO2 stream exiting fuel reactor by nitrogen coming from air 
reactor, or to minimize CO2 leaks from fuel reactor to maximize CO2 capture. For that purpose, 
loop-seals, as represented in Fig.11, can be used considered in CLC units, as discussed by 
Yazdanpanah et al.[83]. L-valve and loop-seal operations have some similarities, as discussed in 
[81-83]. 



4.2  CLC circulating solid particles composition issues 
 
Another aspect of solid circulation in CLC that is not often discussed relates to the solids 
composition in the process, that is quite complex and changes significantly in the loop depending 
on the location. Indeed, a  coal combustion process can generate agglomerated and/or fly ash 
depending upon coal composition and operating conditions (mostly temperature). On one hand, if 
agglomerated ash is generated, it will accumulate at the fuel reactor bottom and withdrawal has to 
be considered. On the other hand, fly ash, which is made of  very fine particles, will exit the reactor 
in flue gas. If a high efficiency cyclone is implemented on flue gas to recover fine char particles, 
then a lot of fly ash will also be recovered and will therefore accumulate in the unit and 
progressively modify significantly the PSD of circulating particles in the fuel reactor. It may 
therefore be important to implement a deashing zone (as shown on Fig.10). 
 
It is also important to implement a separation zone to separate char particles from oxygen carrier in 
the loop at the fuel reactor outlet. Char particles entrained with flue gas would generate losses in 
energy efficiency and char entrained with the oxygen carrier would generate a decrease of the CO2 
capture efficiency. In practice, in order to limit entrainment of char to the air reactor and to 
maximize CO2 capture efficiency, a carbon stripper  section dedicated to char separation and 
recycling back to reactor fuel can be implemented. Several designs have been proposed, mostly  
based on fluidized bed elutriation, either integrated in the dense phase of the fuel reactor  [33], or 
implemented in between the fuel reactor and the air reactor [55-71]. As an example, Alstom [71, 
84] has developed a separator based on entrainment in a compartmented fluidized bed located in 
between the fuel reactor. In our IFPEN-Total research group, we have developed an alternative 
concept based on dilute phase separation at the fuel reactor with the flue gases to minimize energy 
penalty [85]. This concept was tested in a 0.6 m I.D, 1MWth equivalent  large cold flow model and 
in our 10 kWth pilot plant [36]. 
 

4.3 Oxygen carrier attrition 
 
As discussed before, oxygen carrier aging and losses significantly impact the economics of the 
process. During their life-time, particles go through high mechanical, chemical and thermal 
stresses related to circulation in the process loop. Therefore, apart from reactivity, oxygen transfer 
capacity and reactive cycling aging of oxygen carrier materials,  it is also important to study the 
oxygen carrier resistance to attrition. Apart from economical consideration, particles with low 
mechanical resistance will produce fines that can cause many operation problems related  to 
inventory losses and solids circulation problems. In the perspective of industrial operation, attrition 
needs therefore to be minimized. Unfortunately, there is presently very little information available 
concerning long term operation with group B oxygen carriers and there is no industrial data  
available to be used as a reference for the CLC process. It is therefore difficult, in the early stage of 
process developments, to predict attrition at industrial scale based on existing tools and 
methodologies for the different oxygen carriers available at small production scale. Attrition relates 
to solids properties and fluidization conditions (i.e.particle velocities). As discussed before, solids 
properties deteriorate after a few hundreds of cycles. It is important therefore to consider 
equilibrium solid properties to evaluate attrition due to mechanical stress in fluidization conditions, 
but which equilibrium condition to consider?     

 
To evaluate the attrition due to mechanical stress, a first approach is to relate attrition to the 
principal sources of particle breakage such as cyclones, gas injections and gas bubbles in fluidized 
beds. The modeling of attrition sources can then be conducted with a population balance model in 
order to predict attrition at an industrial case. J. Werther and E. Hartge [86] used this method to 
predict the attrition generated in a reactor/ regenerator system. Based on this approach, more 
recently, Kramp et al. [87] made an attempt to simulate attrition in a CLC process. This method is 
presently the most suitable approach to evaluate attrition at industrial scale, however it requires a 
tedious experimental work and a large quantity of material of interest in order to characterize the 



different sources of attrition. For particle screening or when little amount of particles is available , 
as it is usually the case  at the early development stage, it cannot be applied. 
 

 

 

 
     
Figure 13. standard attrition indexes IA20 and 
                 IA44 [89].  Illustration with FCC 
                 catalyst attrition results  

 
Figure 14: New TGPI attrition index proposed  
                 [88]. Illustration with FCC catalyst 
                 attrition results 

 
In order to evaluate the resistance to mechanical attrition of the different oxygen carriers available, 
we proposed a relative method in order to compare oxygen carrier resistance to spent catalyst 
resistance in Fluid Catalytic Cracking process (FCC) [88]. Indeed, the CLC process configuration 
is similar to the FCC process with a controlled solid flow circulating in a loop of reactors. Therefore, 
in both processes, particles go through a similar mechanical stress. FCC particles can therefore be 
used as a reference in order to evaluate and rank the mechanical resistance to attrition of the 
different oxygen carriers available. However, since FCC particles belong to the fluidization Group 
A, while oxygen carrier particles usually belong to the fluidization Group B, direct comparison is 
neither easy nor obvious to conduct using standard attrition tests. For this reason, we developed a 
specific method using a lab scale jet cup rig [89] in order to compare the mechanical resistance to 
attrition of different kinds of particles. First, to account for PSD differences,  we defined a new 
attrition index that does not depend anymore upon a given particle size, as  usually proposed (see 
Fig.13). This index is based on the total percentage of particles generated by attrition and it is 
called TPGI (Total Particles Generated Index), as shown in Fig.14. 
With the revised attrition method, we found that attrition is proportional to the contact frequency 
between the air jet and the particles in the jet cup attrition test [88]. Therefore it is necessary to 
estimate the particles circulation within the air jet for each solid tested in order to make sure that 
particles go through the same mechanical stress. Based on this, it is possible, using Computational 
Fluid Dynamics (CFD), to evaluate the inventory required as a function of particle properties to 
generate similar stress. Our results showed that in order to have the same circulation of particles in 
the air jet (therefore the same mechanical stress during attrition test) tests should be carried out 
with the same initial volume of particles [88]. Further experimental validation is required to 
consolidate this conclusion. Based on this, the particles mechanical resistance can be 
characterized by the TPGI increase rate with respect to the jet cup test duration and comparison 
can be made using different solids in conditions developing similar stress.  
 
It is important to notice that this attrition testing procedure allows to compare solids relatively, 
meaning that it is possible to know that one solid will behave better with respect to the other in 
terms of attrition. However it is difficult to get quantitative attrition data at industrial scale from this 
test. To move a step forward, we need to relate the jet cup attrition tests results to the attrition 
occurring in the principal sources of attrition in the process, such as cyclones and gas injectors. 
The jet cup results could then be transposed to the attrition at industrial scale using a population 
balance model. 



4.4  Fluidized regimes in CLC process   
 
For design aspects, scale-up and control of operating conditions, it is important to study and 
characterize the flow regimes and hydrodynamics in the air reactor and in the fuel reactor. In the 
fuel reactor with solid fuels, as discussed before, the fuel residence time may be limiting due to 
slow gasification reactions, as noted above. Thus, for industrial scale operations, the fuel reactor 
diameter needs to be minimized, and therefore, high  fluidized bed velocities in the turbulent 
regime need to be considered [90-92]. However, there is still limited information on turbulent 
fluidization in the literature for Group B powders at elevated temperatures, and some work is still 
needed in order to predict turbulent transition, the bubbling/slugging behavior and the solids mixing 
with turbulent fluidization. This is particularly true for high density materials such as oxygen carriers 
considered for CLC applications [82].  
 
Oxygen carrier oxidation with air is a fast  reaction that can be conducted in a circulating fluidized 
bed with high velocities. To minimize the amount of air flowrate, oxygen consumption has to be 
maximized (at least 90%) with air reactor oxidation step. Therefore, the design should allow 
enough air / oxygen carrier contacting in the riser. Another design constraint relates to the 
minimization of energy penalty. Indeed, energy consumption in the CLC process is mainly related 
to air compression upstream the air reactor. Due to the large amount of air required, we could 
estimate that an increase of the air reactor pressure drop in the range of 100 mbar would result in 
a  loss of 0.5 % for the overall CLC process energy yield, which is very significant (see Table 1). 
Based on literature, prediction of riser flow with dense group B particles densities exceeding 3000 
kg/m3 is presently a difficult task. Therefore, we performed large scale experiments in a 18 m high 
riser with a 0.3 m diameter, with different group B particles [93-94], at expected representative gas 
velocities in the range of 8-10 m/s and solid mass fluxes in the range of 30-60 kg/s/m2. As shown 
in Fig.15 below, for similar operating conditions, the sand and glass beads that were tested 
generated very different pressures drops.  

 

Figure 15: Axial pressure profiles along the riser 
                 for sand and glass beads (GB) at 
                 different operating conditions.[94] 

Figure 16: Experimental and 1D model    
                 prediction of axial pressure profiles  
                 along the riser with glass beads [95] 

Pressure drops for glass beads, with a sphericity of 1, are consistently smaller than those obtained 
with a sand of similar size, but with a sphericity of 0.83. This suggests that particle sphericity has a 
substantial impact on hydrodynamics and may also impact energy penalty of the process.  These 
differences may be explained in part by a larger annulus region with non-spherical particles. 
However, the impact of sphericity that we found  is strong and unexpected. It cannot be predicted 
by the classic riser models nor CFD [95]. Therefore, we developed a 1D model at IFPEN using 
these experiments to derive a 1D drag force, and accounting for particle properties in order to 
predict riser hydrodynamics in CLC conditions (see Fig.16). With such a model, drag force 



adjustment is essential to describe properly particle acceleration at the riser bottom. In the present 
case, the drag adjustment was satisfactory at low mass fluxes in the CLC expected conditions but 
at higher mass fluxes in the range of 90 kg/s/m2, the resulting acceleration of particles  was too 
strong.     

5 Conclusions 

To summarize, at present, CO2 market value and incentive policies remain limited, despite 
increasing global warming concerns. In this context, even if CO2 storage capacities are available, 
the economics and public acceptance limit CCS deployment.  It is therefore difficult to justify the 
deployment of CCS industrial projects without additional side profits such as EOR for instance. 
CO2 use is an interesting route to consider as a complement to CO2 storage. However, even if the 
CO2 use would generalize at large scale, the impact will probably remain limited and most of the 
CO2 will have to be stored. The perspectives are improving slowly and CO2 price is expected to 
grow progressively in the next 15 years.  

Some CO2 capture technologies are already used industrially. However, these technologies suffer 
from large penalties and require significant investments. In order to reduce CO2 avoidance cost 
and impact on energy supply cost, new CO2 capture techniques such as CLC will be required.  

CLC is a promising alternative solution for CO2 capture that minimizes energy penalty. In the past 
years, a huge effort has been conducted worldwide to investigate CLC materials and process 
issues. Nowadays, the CLC concept is well demonstrated on the pilot scale. These results confirm 
the CLC potential for CO2 capture compared to other solutions. However, oxygen carrier stability 
needs to be improved in order to minimize the operating cost and resulting CO2 avoidance costs.  

Due to the large amount of CO2 emissions resulting from coal combustion in large power plants in 
the world, CLC developments should really address this market on a long term perspective. As 
discussed, CLC combustion for solid fuels is probably more challenging and  specific technology 
developments need scale-up and industrial validation. 

Over the last few years, most of the development roadmaps for CCS have been delayed by 
roughly ten years, from 2015-2020 to 2025-2030 compared to the ambitious plans that were 
considered before 2010. Short term market for CO2 capture is limited, but the need for CCS 
technologies remains as part of the global warming mitigation solutions. This is challenging since 
short term industrial developments financing is more difficult. However, this delay may also be 
considered as an opportunity, specifically for new promising processes such as CLC in order to 
optimize oxygen carrier materials and technology. The next step is to demonstrate the technology 
over time at larger scale in order to achieve long term industrial operation with a reliable material.   
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List of Symbols 

 

Go :  L-valve solid flow constant (kg/s/m2) 

Gs :  Solid mass flux (kg/s/m2) 

k :  L-valve constant (-) 

IA20 : Attrition index corresponding to the amount of fines below 20 µm generated by attrition (%) 

IA44 : Attrition index corresponding to the amount of fines below 44 µm generated by attrition (%) 

Ro :  Oxygen  transport capacity of the oxygen carrier (wt.%) 

∆x : Fraction of oxygen transport capacity used for combustion (-) 

UH :   Actual gas velocity in the horizontal section of the L-Valve (m/s) 

Umf :  Minimum fluiidisation velocity (m/s) 

Vsg :  Superficial gas velocity (m/s) 

 


