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Abstract

A circulating turbulent fluidized bed (CTFB) connected with a riser and an annular
carbon stripper (CS) is proposed to be used as a fuel reactor (FR) in chemical looping
combustion. The bottom section of the FR is operated under turbulent fluidization
regime which can achieve enough solid residence time and enhance the mixing of
oxygen carrier with solid fuel. A 1.5 MWu cold model of the FR was designed,
constructed and tested in order to investigate the hydrodynamics of solid particles
with different size. Three kinds of quartz sands with different particle sizes (dso=122
um, 249 um, and 392 um) were used as bed materials to simulate the oxygen carrier.
Continuous operation with reasonable pressure balance was achieved in the cold

model. The effects of important variables including gas velocity, static bed height and



particle size on the gas-solid hydrodynamics of the FR were measured and discussed.
It was found that the transition velocities from bubbling to turbulent fluidization for
different particles of dso=122 um, 249 um, and 392 um were measured to be 0.78 m/s,
0.95 m/s and 1.06 m/s respectively, indicating the transition velocity increased with
increasing particle size. The solid fraction profile along reactor height and solid
circulation rate were affected by gas velocity and static bed height. A modified
correlation was proposed to predict the solid fraction of the annular CS dilute phase,
and the predicted results agree well with the experimental data under wide range of

operational conditions.

Keywords: chemical looping combustion; fuel reactor; circulating turbulent fluidized

bed; hydrodynamics; transition velocity; solid circulation rate;



Highlight:

1. A circulating turbulent fluidized bed (CTFB) connected with a riser and an
annular carbon stripper is proposed to be used as a fuel reactor in chemical
looping combustion.

2. A 1.5 MWy circulating turbulent fluidized bed fuel reactor was designed,
constructed and tested.

3. The transition velocity increased with increasing particle size.

4. A modified correlation was developed for better predicting the solid fraction of

dilute phase.



1. Introduction

Solid fuel chemical looping combustion (CLC) is recognized as a promising
combustion technology, because it can realize inherent CO» separation from the flue
gas without the need for an additional CO, separation unit that has an energy penalty '.
The CLC unit consists of a fuel reactor (FR) and an air reactor (AR), and oxygen
carriers circulate continuously between the AR and FR to transfer oxygen from air to
fuel. This technology avoids direct contact between the solid fuel and air, so the flue
gas from FR is primarily composed of CO> and H2O, and a high-purity CO2 can be
obtained after steam condensation 2.

Although the solid fuel CLC technology has been highly developed in recent

decades 3

, it still faces two challenges: 1) char conversion and carbon capture
efficiency are relatively low owing to short solid residence time in the FR; 2) syngas
conversion efficiency is not high enough and the oxygen demand for unburnt gas is
high owing to the low oxygen carrier fraction in the FR dilute region. For example,
Linderholm et al. ® reported the solid fuel conversion was 54.1%~73.4% in the 100
kW CLC pilot plant, indicating about 36% char were unconverted and escaped from
the FR. Ohlemiiller et al. 7 reported that the carbon capture efficiency and the syngas
conversion efficiency were 43%~55% and 61%~73% respectively in Darmstadt 1
MW CLC pilot plant, indicating about 50% char burnt in the AR and about 33%

combustible gas was unconverted. Abdulally et al. 8 reported the oxygen demand of

FR unburnt gas was 15%~20% in Alstom 3MWy CLC pilot plant, so the CLC
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advantages with inherent CO» separation could not be achieved.

To solve above challenges, different FR configurations were proposed by
different scholars °2°. Bayham et al. ? proposed using a moving bed as the FR in the
25 kWu hot model at Ohio State University, the carbon capture efficiency, char
conversion and syngas conversion efficiency were 94.9%, 99.9% and 99.8%
respectively. However, large cross-section, uniform coal distribution and temperature
homogeneity are still the challenges for the scale-up of moving bed '°. Vienna
University of Technology ' proposed a modification of the fuel reactor to include
wedged-ring-type internals that increased the total bed inventory. Lynfelt and Leckner
12 proposed and patented a new fuel feed called “volatile distributor” to the fuel
reactor, aimed at assuring a good distribution of volatiles across the cross-section of
FR. Different Carbon stripers (CSs) were proposed by Chalmers University of
Technology '°, Darmstadt University of Technology '4, ICB-CSIC !°, Tsinghua
University '©2° and IFPEN 2!, and the CS can efficiently separate the unconverted
char from oxygen carrier, so the total char residence time in the FR is increased to
achieve high carbon capture efficiency.

In this work, a circulating turbulent fluidized bed (CTFB) consisting of a dense
region connected to a riser is proposed to be used as a fuel reactor, and the turbulent
fluidization regime is chosen to achieve enough solid residence time and enhance the
mixing of oxygen carrier with solid fuel. An annular CS is proposed to be used as a
second fuel reactor because it can not only separate the char from oxygen carrier, but

also improve the unburnt gas conversion 2!, A 1.5 MW cold model was designed,



constructed and operated to evaluate the hydrodynamics of the FR. Quartz sands with
different particle sizes were used as bed materials to simulate the oxygen carrier, and
a stable operation with reasonable pressure balance was achieved. The turbulent
characteristics including the transition velocity from bubbling to turbulent fluidization,
solid fraction profile and solid circulation were measured. The effects of gas velocity,
static bed height and particle size on the hydrodynamics were studied. A modified

correlation was proposed to predict the solid fraction of the annular CS dilute region.

2. Experiments

2.1 Experimental apparatus

The cold model system consists of a fuel reactor, air supply system, feeding
system and gas filter system, as shown in Figure 1. The fuel reactor is a circulating
turbulent fluidized bed consisting of a dense region connected to a riser and an
annular CS, and the total height of unit is 10.45 m. The FR with a square structure (i.e.
the length is equal to the width) is designed, and the sectional sizes of turbulent
fluidized bed (TFB), FR riser, and annular CS are 0.6 m, 0.25 m and 0.7 m,
respectively. The FR riser 1s inserted into the annular CS at a depth of 1 m in order to
form a dense phase in the annular CS. Based on the total volume of the FR and
particle density, the total bed inventory of the FR is calculated to be ~750 kg. Lyngfelt
and Leckner %2 pointed out that the bed inventory of the FR was 500 kg/MW, in the
1000 MWy, solid-fuel CLC design. Therefore, the cold model in this work

corresponds approximately to 1.5 MW,



The solid particles are fed into the turbulent fluidized bed from the feeding
system until the bed inventory of the FR meets the experiment requirements. After a
certain residence time, the solid particles in the turbulent fluidized bed are elutriated
into the FR riser which is transport regime. Subsequently, the solid particles are
transported into the annular CS and then enter into a high-efficiency cyclone which
separate the solid particles from outlet gas stream, and the solid particles pass through
the cyclone dipleg and loop seal (LS) and return back to the turbulent fluidized bed.
The dense phase height of the annular CS is appropriately equal to the depth of the FR
riser inserted into the annular CS, while the dense phase height of the turbulent
fluidized bed varies with the total bed inventory of the FR. Total 18 pressure ports are
installed on the cold model system for measuring pressure profiles. A bufferfly valve
is installed on the cyclone dipleg to measure the solid circulation rate.

The fluidizing air for the cold model is supplied by a Roots blower and an air
compressor, as shown in Figure 1. The fluidizing airs required for the turbulent
fluidized bed and annular CS are provided by the Roots blower. Two pneumatic
valves are used to control the fluidizing air amount of the turbulent fluidized bed
(100~1500 m?/h) and the fluidizing air amount of the annular CS (200~400 m3/h).
Meanwhile, in order to feed the solid particles into the turbulent fluidized bed
smoothly, a pressure balance air is designed. The air streams for loop seal are
controlled by the air compressor, and the flowrates are measured by two float

flowmeters, as shown in Figure 1.
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Figure 1. Diagram of the cold model system
2.2 Material

Three different size quartz sands (dso = 122 pum, 249 pm, and 392 um), which
belong to Geldart B particles, are chosen as bed materials, and the particle size

distributions (PSD) and properties are shown in Figure 2 and Table 1, respectively.
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Figure 2. Particle size distributions of three quartz sands

Table 1. The properties of three quartz sands

Item Unit dso=122 pm ds0=249 pm ds0=392 pm
Particle density kg/m? 2715 2716 2701
Bulk density kg/m? 1396 1390 1377
Archimedes number - 178 1512 5870
Classification of Geldart - B B B

The physical properties of quartz sand and oxygen carrier are mainly different in
particle size and density from the hydrodynamics perspective. The particle size of the
oxygen carrier used in the CLC unit is generally 100~300 um 23, which is consistent
with the selected size range of quartz sand. The particle density for different oxygen
carriers is different and the range is generally 2500~4400 kg/m®2* 25, Additionally,
the particle density of fresh oxygen carrier and activated oxygen carrier may be
different, for example, the particle density of fresh ilmenite is 3980 kg/m?, while that
of activated ilmenite is changed to 2760 kg/m32. This shows that it is impossible to
find a suitable solid particle to represent all kinds of oxygen carriers, but an empirical

correlation considering the effect of particle density should be used. The particle
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density of quartz sand is ~2700 kg/m®, which is close to the particle density of
activated ilmenite and other light oxygen carriers. The main purpose of using quartz
sand as bed materials is to obtain the empirical correlation which take into account the
effect of particle density of solid particles. After obtaining the empirical correlation,
the fluidization characteristics of oxygen carrier with different particle density can be

predicted.

2.3 Data evaluation

The solid fraction (¢, ) is calculated by pressure drop and is shown in equation
(D:

AP = P& 9AH, (1)
where AP, represents the pressure drop from port i to port j, Pa; AH;_; represents
the height from port i to port j, m; 2, represents the particle density, kg/m>; g is the
gravity acceleration, m/s>.

Solid circulation rate is measured by accumulative material method. A bufferfly
valve is installed on the cyclone dipleg. When the operation of cold model system is
dynamically stable, the bufferfly valve is closed and the accumulated height of solid
particles and the elapsed time in the cyclone dipleg are measured. Combined with
equation (2), the solid circulation rate ( G, ) can be calculated.

G, = P bzpip:H pipe @)
Cs

pipe

where p, is the bulk density, kg/m?; s is the sectional area of the cyclone dipleg,

pipe

m?; H,.. 1s the accumulated height of quartz sand in the cyclone dipleg, m; S is

10



the sectional area of the annular CS; U, is the elapsed time of quartz sand
accumulation in the cyclone dipleg, s.
Standard deviation (o) is used to assess the pressure fluctuation of cold model

system:

O-:\/%;(Pi_laave) (3)

where N represents the number of pressure drops, -; P; represents the pressure drop at

number i, kPa; P, represents the average pressure drop, kPa.

3. Results and discussion

3.1 Stable operation

A stable and continuous operation is the basis of cold model and experimental
study. By measuring the pressure drop of the turbulent fluidized bed, its pressure
fluctuation results under different static bed heights (dso=122 pm, urr=0.78 m/s) are
shown in Figure 3. The pressure drops of the turbulent fluidized bed under three static
bed heights were dynamically stable, and this indicated the system hydrodynamics
was stable and there was no particles loss. The bag filter behind the cold model did
not collect solid particles during the experiment, which also indicated that the bed
materials did not escape from the FR cyclone, because the design principle of
high-efficiency cyclone is adopted by the FR cyclone. Bed inventory has a big effect
on the pressure fluctuation, and the pressure fluctuation increases with the increase of
bed inventory. For example, when the static bed height increased from 0.75 m to 1.25

11



m, the pressure fluctuation of 7.2~9.5 kPa at 0.75 m static bed height increased to
12.0~15.5 kPa at 1.2 m static bed height, and the standard deviation of pressure
increased from 0.38 kPa to 0.64 kPa. This is because the bubble size increases with

t27

the increase of static bed height ', and dynamic pressure loss caused by the bubble

eruption on bed surface results in an obvious pressure fluctuation.

16 - —=— H=1.25m —— H=1.05m ——H=0.75m u_,=0.78m/s

P2-P5 (kPa)
o

0 ' 1000 ' 2000 Timle © 3000 ' 4000 ' 5000
Figure 3. Pressure fluctuation of turbulent fluidized bed versus time (dsy=122 pm)

Pressure profile along reactor height is shown in Figure 4, and a reasonable
pressure balance was achieved in the cold model system. The pressure drops in the
dense phase of the turbulent fluidized bed (P1-P5) and the annular CS (P9-P12) were
~12 kPa and ~10 kPa respectively, indicating most of particles accumulated there. It
should be noted that the values of P1-P2 and P9-P10 included not only the pressure
drops of solid particles, but also the pressure drops of the turbulent fluidized bed
distributor (0.4 kPa) and the annular CS distributor (2.3 kPa). The pressure drops in
the FR riser (P7-P8) and the dilute phase of the annular CS (P12-P13) were smaller
than 0.5 kPa, and this indicated the solid fraction in the dilute phase was very low.

The loop seal is critical for the pressure balance of cold model system, and pressure

12



drops of the loop seal (P17-P18, P18-P4) were all positive, indicating no gas back

leakage from turbulent fluidized bed to cyclone by passing through the loop seal.
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Figure 4. Pressure profile of cold model system

3.2 Effect of particle size on transition velocity

For the turbulent fluidized bed, an important parameter is the transition velocity
(Uc) which is defined the transition velocity from bubbling to turbulent fluidization 5.
Various methods, including capacitance signals, visual observations, optical fiber
probes, bed expansion and pressure fluctuation, have been used to determine U, ».
Herein, pressure fluctuation method is adopted to measure U.. The gas velocity at the
maximum standard deviation of pressure fluctuation corresponds to the beginning of
the transition to turbulent fluidization. Both pressure drop fluctuations (two points)
and absolute pressure fluctuations (single point) have been proposed to study the
transition to turbulent fluidization and the former was used as the measurement
method in this work. P2-P3 was selected as the measurement point of pressure

fluctuations. The static bed height was adjusted to 1.1 m before the start of the
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measurement, which ensured that the average pressure drop of P2-P3 maintained at
about 6 kPa during the whole measurement process, eliminating the influence of the
variation of standard deviation caused by the change of bed inventory.

The standard deviation of pressure fluctuations versus gas velocity for different
particle sizes is shown in Figure 5. With the increase of gas velocity, the standard
deviation increased rapidly and reached the maximum value, and then decreased. The
initial increase of the standard deviation is attributed to the increase in the bubble size
mainly caused by bubble coalescence, while the decrease of the standard deviation is
a result of bubbles splitting into small bubbles or voids after attaining their largest size
at the gas velocity corresponding to the maximum standard deviation. The transition
velocities for particle with size of dso=122 um, 249 pm, and 392 pm were 0.78 m/s,
0.95 m/s and 1.06 m/s respectively, indicating the transition velocity increased with

increasing particle size.

0.6

—a—d,,=122um
—o—d ,=249um
——d,,=392um

o
(%1
T

04

03

Standard deviation of AP (kPa)

I I I i N I
0.2 0.4 0.6 0.8 1.0 1.2
Gas velocity (m/s)

Figure S. Effect of gas velocity on the standard deviation of AP

A number of empirical correlations have been proposed to predict the transition

28, 30-38

velocity , as listed in Table 2. The experimental data measured in this study

were used to validate the feasibility of empirical correlations, and the results are
14



shown in Figure 6. The calculated results by Bi and Grace’s (APF) correlation and
Rim and Lee’s correlation were in agreement with the experimental data, and the
average relative deviations were 5.96% and 9.08% respectively, while other empirical
correlations overestimated the transition velocity. The overestimation is mainly
caused by the following two reasons. Frist, many empirical correlations are fitted by
experimental data of Geldart A particles, while the particles used in this work belong
to Geldart B particles. The hydrodynamics of Geldart A and Geldart B particles are
different, so the empirical correlations based on Geldart A particles can not accurately
predict the transition velocity of Geldart B particles. Additionally, Cai et al. ** had
reported the transition velocity decreased with the increase of reactor diameter. The
equivalent diameter of current reactor used in this work (0.6 m) is higher than that of

published literatures, in which the value is generally between 0.02~0.3 m 28333740,

Table 2. Typical empirical correlations for the transition velocity

Author (s) Correlation (s)
Yerushalmi and Cankurt 3° U, =3.0(p,d,)**-0.77
: _ D, Py~ Pgoar
Jin et al. 3! U,/ ad, —(fd—‘T)
P [¢]
Lee and Kim ¥ Re, = 0.700Ar®*®
. 33 _ (Hg20102 0.211  0.00242,/027 P20, Pp ~ Py \, Diyj027
Cai et al. U,/ Jgd, (#g )L D7 + 07 ) (pg )(7pg )(dp)]
Horio 3* Re, = 0.936Ar’*"
Nakajima et al. 3 Re,=0.663Ar**

Re, =1.201Ar** (H / D,)**"**)****," for Group A and B particles

Dumham et al. %
Re, =1.027Ar®®(H / D,)**""**°®, for Group D particles
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Bi and Grace (DPF) ¥’ Re, =1.243Ar %4

Bi and Grace (APF) 37 Re, =0.565Ar %4
Yazdanpanah et al. 38 Re,=0.21Ar%*
Rim and Lee 2 Re, = 0.465Ar** (1+ AGTP)'O-206
p
Ady =d g, =y

Note: d ) is the particle diameter, m; D, is the bed diameter, m; Py is the density of fluidizing
gas, kg/m?; Re, is the Reynolds number based on Re,=d U,p, / 11,5 = Ar is the Archimedes
number, -; g is the gas viscosity, kg/(m's); H is the expanded bed height, m; o, is the

standard deviation of particle size distribution, m; d, particle diameter at i% in the cumulative

i%

distribution, m.
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c_Lé > Nakajima et al.
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[ @ Biand Grace (APF)
@ Yazdanpanah et al.
0.0 ) ) ™ Rimand Lee
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Experimental data, U_ (m/s)

Figure 6. Comparison between the calculated results from empirical correlations and the
experimental data
3.3 Effect of operational conditions on fluidization characteristics
The solid fraction profile along reactor height was studied, and the effect of gas
velocity, static bed height and particle size on the solid fraction is shown in Figure 7

(a)-(c). The turbulent fluidized bed can be divided into the dense phase and dilute
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phase, and the dense bed height decreased with the increase of gas velocity, and more
particles were elutriated into the freeboard region. When the gas velocity was lower
than the transition velocity (0.78 m/s), the solid fraction decreased slowly with the
increase of gas velocity, as shown in Figure 7(a). While the gas velocity was bigger
than the transition velocity, the effect of gas velocity on the solid fraction profile was
more obvious because the fluidized bed regime changes from bubbling regime to
turbulent regime and more solid particles are transported into the FR riser and annular
CS. The results showed that the fluidization characteristics before and after the
transition velocity were different, and the solid carrying capacity under the turbulent
regime was more obvious than that under the bubbling regime.

The bed inventory had a big effect on the dense bed height and the dense phase
height increased with the increase of bed inventory, while the freeboard height
decreased with the bed inventory, and the flow of solid particles through elutriation
increased, so the solid fraction at the outlet of the turbulent fluidized bed increased, as
shown in Figure 7(b). In the freeboard region, the pressure drop increased with the
increase of bed inventory, therefore, its solid fraction increased with the increase of
bed inventory. From Figure 7(c), with the increase of particle size, the solid fraction at
the outlet of the turbulent fluidized bed decreased owing to the reduction of elutriation
capacity for big particle size. At the same gas velocity of 0.78 m/s, the operation was
in the turbulent regime for dso=122 pm, while the operation was in the bubbling
regime for dso=249 pm and 392 um, and more solid particles were elutriated into the
FR riser and annular CS for dso=122 pum, so the dense phase height of dso=122 pm

17



was lower that of ds5o0=249 um and 392 pum. The pressure drop for dsp=122 um in the
freeboard region was lower than that for dso=249 um and 392 pum, so the solid fraction
of the freeboard region for dsp=122 pm was the lowest. The sectional area of the FR
riser was less than that of the turbulent fluidized bed and there was a sharp connection
between the turbulent fluidized bed and the FR riser, resulting in an obvious particle
backflow phenomenon. Therefore, the solid fraction at the outlet of the turbulent
fluidized bed was higher than that of the dilute phase of the turbulent fluidized bed, as

shown in Figure 7(a)-(c).
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Figure 7. The solid fraction profile at different gas velocity, static bed height and particle size:
(a) d5p=122 pm, H=1.25 m; (b) dso=122 pm, urr=0.78 m/s; (¢) H=1.25 m, urr=0.78 m/s.
Different empirical correlations reported from published literatures were used to

predict the solid fraction of dense phase 3% 414

, as shown in Table 3. The comparison
of the calculated results by different empirical correlations and the typical
experimental data are shown in Figure 8. The average relative error between the
calculated results by King’s correlation and the experimental data was minimum,
indicating the calculated results by King’s correlation were closest to the experimental
data. So, King’s correlation could be used to predict the dense phase solid fraction of

Geldart B particles in the fuel reactor.

Table 3. Typical empirical correlations for the solid fraction of dense phase

Author (s) Correlation (s)
ing 4! 1Y +1
e =1-
e * T ug 42
C 1% = * Repa 0.0653
ai £4=1—(0.796+0.00894/ D,) (F)
u, D p,u.d
Monazam and Shadle 42 &g =0.005*(7)1.045 (4)0.541 (& 0.915
Ug dp Hy
Miao et al.® £,4,=1.0422( G, )0.2781( Uy ),0_3218(pgutdp )70_1195
pp(ug _ut) th ﬂg
u.d
Wong et al. * o 21-0'25(%)_0'11 D% (2522210 for group B solids

P9 9

Note: &, is the solid fraction of dense phase, -; U, is the fluidizing gas velocity, m/s; u_ is

g

the solid velocity, m/s; u, 1is the terminal velocity, m/s.

t
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Figure 8. Comparison between the calculated results and the typical experimental data

3.4 Effect of operational conditions on solid circulation rate

The effect of gas velocity and static bed height on the solid circulation rate is
depicted in Figure 9. Under constant static bed height, with the increase of gas
velocity from 0.11 m/s to 0.78 m/s, the solid circulation rate increased slowly; when
the gas velocity increased from 0.78 m/s to 1.23 m/s, the solid circulation rate
increased obviously. As mentioned above, 0.78 m/s (dso0=122 pum) is the transition
velocity, that is to say, the FR with gas velocity less than 0.78 m/s is the bubbling bed
and higher than 0.78 m/s is the turbulent bed. Different fluidized bed regimes have
different fluidization characteristics, and the elutriation capacity in the turbulent
regime is significantly greater than that in the bubbling regime. When the gas velocity
remained unchanged, the solid circulation rate increased with the static bed height
raised from 0.75 m to 1.05 m because obviously the freeboard height was smaller.
However, the solid circulation rate almost remained constant when the static bed
height increased from 1.05 m to 1.45 m, because the saturated carrying capacity of

gas in the dilute phase of the annular CS has been reached and no longer changes with
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the increase of static bed height. By comparing the effects of gas velocity and static
height on the solid circulation rate, it was found that the solid circulation rate was

more affected by the gas velocity.
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Figure 9. Effect of gas velocity and static bed height on the solid circulation rate (dso=122
jum)

The effect of gas velocity and static bed height on the solid fraction of the
annular CS dilute phase is depicted in Figure 10. With the increase of gas velocity,
more particles were elutriated to the annular CS dilute phase, so the solid fraction
increased. With the increase of static bed height, the solid fraction of the annular CS
dilute phase raised rapidly at first and then almost no obvious increase. Compared
Figure 9 with Figure 10, it is found that the variation trends of the solid circulation
rate and the solid fraction affected by gas velocity and static bed height are basically
similar, indicating that there is a correlation between the solid circulation rate and the

solid fraction of the annular CS dilute phase.
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Figure 10. Effect of gas velocity and static bed height on the solid fraction of the annular CS
dilute phase (dso=122 pm)

The effects of particle size on the solid circulation rate and the solid fraction of
the annular CS dilute phase are shown in Figure 11 and Figure 12. Under the same gas
velocity, with the increase of particle size, the elutriation capacity decreased
correspondingly, and the amount of particle elutriated to the annular CS dilute phase

was reduced, so the solid circulation rate and the solid fraction of the annular CS

dilute phase decreased.
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Figure 11. Effect of particle size on the solid circulation rate (H=1.25 m)
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Different empirical correlations proposed by different scholars have been used to
predict the relationship between the solid fraction of dilute phase and the solid
circulation rate **3. Taking the solid circulation rate measured in the experiments as
the independent variable, the solid fraction of dilute phase was calculated according to
these correlations. The calculated results were compared with the experimental data,
and the results are shown in Table 4. The average relative errors between the
calculated results and the experimental data were big. This is because most of the
correlations are applicable to the cases where the gas velocity is bigger than 3 m/s
(turbulent or fast bed) or the bed materials belong to Geldart A particles ** 153,
However, in this work, the gas velocity of dilute phase ranges from 0.36 m/s to 1.23
m/s (bubbling or turbulent bed) and the bed materials belong to Geldart B particles.
The differences of gas velocity and particle properties lead to different fluidization
characteristics, so it is impossible to predict accurately. The calculated results of
Issangya’s correlation were closest to the experimental data. However, Issangya’s

correlation has some limitation because it can only predict the case that the gas
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velocity is higher than the terminal velocity. Ouyang and Potter’s correlation also
could predict the solid fraction at different gas velocities with the average relative
error of 48.90%. A comparison between the typical experimental data and the results
calculated by Ouyang and Potter’s correlation is presented in Figure 13(a). When the
gas velocity of the annular CS dilute phase was below 0.53 m/s, the calculated results
matched well with the experimental data. However, when the gas velocity of the
annular CS dilute phase was higher than 0.53 m/s, the calculated results were
obviously not in agreement with the experimental data. Because the diameter of
Ouyang and Potter’s correlation (0.05~0.4 m) is smaller than that of the annular CS
(0.7 m) and the gas velocity is also different, the experimental results in this work
cannot well match the calculated results of Ouyang and Potter’s correlation.
Accordingly, the correlation proposed by Ouyang and Potter needs to be modified as

follows:

l-e=50( 2 Pe 4)

G,/ p,+Uu,

The modified correlation can accurately predict the typical experimental results
under various gas velocity, as shown in Figure 13(b). Correlation (4) was used to
calculate the solid fraction of dilute phase under different working conditions, and the
calculated results were compared with the experimental data, as shown in Figure 14.
It can be seen from Figure 14 that the model predicted results were in good agreement

with the experimental data.
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Table 4. Empirical correlations for the solid fraction and solid circulation rate

Authors Correlation Average
RD?
3 . G,
Kunii and Levenspiel 43 g =———— 129.09
pp (ug - ut)
2G
46 e T
Pugsely et al. & poll, +2G, 60.70
u
g =1-—0 278.81

S

Patience et al. %’ -
oG, + U, 0,

@ =1+5.6/Fry +0.47Fr>*; Fr, =u, / /gD, ; Fr, =u, / /gD,

G, /p
48 —26(——=tr
Ouyang and Potter & ( G.1p,+u, ) 48.90
G .
Bi and Kato #° &= 4-04(Ts_u))1'24 (G, <G,) 36.89
p\Tg t
g, = (1+0208(2ays (Po " Payoomey Gy g 5
Gs pp pp (ug 'Ut)
GS 119 -0.05
Issangya et al. ° & =5.06(———)"Ar 17.11
p( g -ut)
Huang et al. ! & =33-684675( J )% 000184 552.49
pp (ug _ut) gdp
Qi etal. ® £, =12.75(—— O () 0% Ar 143.72
) 2, Uy -u,) gb, )
Uy
Xuetal. 33 &, =1-ﬁ: Fro =u, //gD;; Fr, =u, / /gD, 109.62
S g/7p

@ =1+5.6/Fr, +0.47Fr>*, u, <5m/s;
@=1+5.6/Fr,°* +0.47Fr>*, u, >5m/s;

. G, /p,
This work & =50(——"—) 15.53
G, /p,+U,

_ 1 iz::‘(gs)l,calc_(‘gs)hexm

“RD (relative deviation): pp_1
N (gs)i,expt

Note: ¢ is the slip factor, -; Fr, is the Froude number based on bed diameter, -; Fr, is the

particle Froude number, -; G, is the saturation carrying capacity, kg/(m?*-s);
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Figure 13 (a). Comparison between the typical experimental data and the calculated results

by Ouyang and Potter’s correlation; (b). Comparison between the typical experimental data

and the calculated results by modified correlation
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Figure 14. Comparison between the calculated results and the experimental data

4. Conclusion

A circulating turbulent fluidized bed (CTFB) consisting of a turbulent bed
connected with a riser and an annular CS is proposed to be used as a fuel reactor in
chemical looping combustion. A 1.5 MWy, cold flow model was designed, constructed

and tested to investigate its hydrodynamics. Three kinds of quartz sand with different
26



particle sizes (dso = 122 um, 249 um, and 392 pum) were used as bed materials. The
cold model system achieved a continuous operation with reasonable pressure balance.
Transition velocities from bubbling to turbulent fluidization with dso=122 um, 249 pm,
and 392 um were measured to be 0.78 m/s, 0.95 m/s and 1.06 m/s respectively,
indicating the transition velocity increased with increasing particle size. With the
increase of gas velocity, the solid fraction in the dense phase of the turbulent fluidized
bed with different particle sizes had a similar change trend, which was almost
unchanged at first, then gradually decreased, and finally decreased rapidly. The
correlation proposed by King was most applicable to predict the solid fraction of
dense phase at different gas velocity. By comparing the effects of gas velocity and
static bed height on the solid circulation rate, the solid circulation rate was more
easily affected by gas velocity. A correlation proposed by Ouyang and Potter was
modified to predict accurately the typical experimental results, and the relative errors

were within +25% under various conditions.
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Nomenclature

Ar Archimedes number, -

AR Air reactor

CLC Chemical looping combustion

CS Carbon striper

CTFB Circulating turbulent fluidized bed

dso Median particle diameter, pm

d 0 Particle diameter, m

d pi% Particle diameter at i% in the cumulative distribution, m
D, Bed diameter, m

Fr, Froude number based on bed diameter, -;
Fr, Particle Froude number, -

FR Fuel reactor
g Gravity acceleration, m/s?

G, Solid circulation rate, kg/(m?-s)

G, Saturation carrying capacity, kg/(m?-s)

H Expanded bed height, m

AH

i Height from port 7 to port j, m

H pipe Accumulative height of quartz sand in the cyclone dipleg, m
H; Static bed height, m
LS Loop seal
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N Number of pressure drops, -

Pave Average pressure drop, kPa

P; Pressure drop at number i, kPa

PSD Particle size distributions

AR Pressure drop from port i to port j, Pa

Re, Reynolds number based on Re,=d U p, / 4, - -

Scs Sectional area of the annular CS, m?

S pipe Sectional area of the cyclone dipleg, m?

Coipe Elapsed time of quartz sand accumulation in the cyclone
dipleg, s

TFB Turbulent fluidized bed

UFR Gas velocity, m/s

Ug Fluidizing gas velocity, m/s

ug Solid velocity, m/s

U, Terminal velocity, m/s

U. Transition velocity, m/s

Py Bulk density, kg/m?

Py Density of fluidizing gas, kg/m?

Py Particle density, kg/m?

& Solid fraction, -

&y Solid fraction of dense phase, -

o Standard deviation of pressure fluctuation, kPa
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Standard deviation of particle size distribution, m

Gas viscosity, kg/(m-s)

Slip factor, -
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