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A B S T R A C T   

The hydrodynamics of bubbling fluidized beds of Geldart B granular solids operated at ambient temperature and 
at 500 ◦C are investigated by uncooled capacitance probes at different gas superficial velocities. Statistical 
analysis of the time-series of the local bed voidage generates Probability Density Functions (PDF) that display 
multimodal patterns. A remarkable bimodal character is apparent in the part of the PDF that refers to the 
emulsion phase when the gas superficial velocity is increased. It is inferred that two phases with different 
porosity co-exist in the emulsion phase: a lower voidage LV-phase and a higher voidage HV-phase. The link 
between the LV- and HV-phases as assessed from PDF of capacitance signals and the actual flow patterns induced 
in the emulsion phase by the bubbles is open to scrutiny. 

Along a different path, the influence of the bed hydrodynamics and expansion patterns of the emulsion phase 
on the gas mass transfer around a freely moving coarse active particle is investigated. To this end, mass transfer- 
limited reaction experiments are performed, consisting in catalytic oxidation of carbon monoxide at 450 ◦C over 
Pt-loaded γ-alumina spheres immersed in the fluidized bed. The mass transfer coefficient around the freely 
moving active particles is measured and worked out to calculate the particle Sherwood (Sh) number. Results 
obtained from reaction experiments confirm the close relationship between mass transfer and expansion patterns 
of the emulsion phase, and the need for proper hydrodynamic characterization of the bed. A Frӧssling-type 
equation, Sh = 2⋅∊e + K⋅(Ree/∊e)

1/2⋅Sc1/3, well correlates the results. Sh increases with fluidization gas velocity 
and a best fitting is obtained using the bed voidage of the HV-region of the emulsion phase in the correlation.   

1. Introduction 

COP27 is calling for an intensification of the nations’ commitment 
and actions toward reduction of carbon emissions as an undelayable 
path to the established targets of carbon neutrality. The transition to
ward renewable energy sources and the phase-out of fossil fuels is 
challenging scientific research to propose novel technologies and opti
mize existing ones with the aim of making them progressively sustain
able and environmentally friendly. 

Fluidization technology offers attractive options to the chemical re
action engineer for efficient thermochemical processing of solid fuels via 
combustion, gasification, and pyrolysis. Fluidized bed combustion of 
solids is a mature technology, widely practiced worldwide for direct 
exploitation of biomass, with only moderate effort required to retrofit 

fossil fuel-based fluidized bed boilers to biomass-fired ones [1]. Gasifi
cation is used to convert carbonaceous solids into a high heating value 
syngas, which can be directly exploited as a fuel or further converted to 
liquid fuels or chemicals. Although fluidized bed gasification of biomass 
has been effectively demonstrated [2], there is still room for improve
ments based on better understanding and control of bed hydrodynamics 
[3]. Pyrolysis is the thermal decomposition of solids in oxygen-free or 
oxygen-starving environments. The fast pyrolysis variant, aimed at 
maximizing yields to bioliquids, is most typically performed in fluidized 
beds. Fast pyrolysis of biomass represents one of the most promising 
conversion paths to support the shift from the traditional refinery to the 
biorefinery-based production of sustainable chemicals and fuels. Selec
tive production of valuable compounds (sugars and oligosaccharides, 
mono- and oligoaromatics) may only be accomplished by careful control 
of time–temperature-chemical history to drive conversion along the 
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prescribed chemical pathway [4]. The rise of a variety of fluidized bed 
looping processes, headed by the early success of chemical looping 
combustion (CLC), is opening up novel perspectives for solid fuel con
version, based on the use of solid oxygen carriers to prevent direct 
contact between fuel and air. CO2 separation is inherent to CLC pro
cesses, so that the energy penalty associated with gas separation is ruled 
out [5]. 

Although fluidization technology has been successfully applied to 
these processes, there are still broad areas of uncertainties regarding bed 
hydrodynamics, mixing, heat and mass transfer phenomena that are key 
prerequisites for successful design and operation of fluidized bed con
verters. Indeed, processes involving fast chemical reactions are more 
sensitive to bed hydrodynamics, as mixing and mass transfer phenom
ena become the controlling steps of the conversion [6]. This is the case, 
for instance, of fluidized bed combustion of biomass [7–9] or fossil solid 
fuels [10,11], performed at temperatures high enough for intrinsic ki
netics not to be the rate-controlling step. For fast heterogeneous chem
ical reactions, the apparent reaction rate depends on mixing/ 
segregation patterns of the fluidizing gas, determined by the bubbling 
pattern, and by mass transfer around the active particles. 

Mixing/segregation of fluidizing gas in dense gas-fluidized beds of 
Geldart Group B granular solids is most typically represented according 
to the simple “two-phase theory” [12]. The bed is composed of two main 
phases: solids-free bubbles and a dense “emulsion” phase, consisting of a 

mixture of solid particles and gas. All the gas exceeding the incipient 
fluidization velocity, Umf , flows across the bed as bubbles, while the 
emulsion phase is kept at incipient fluidization. Mass transfer between 
the bubble and the emulsion phases is governed by a gas interchange 
coefficient, which takes into account gas cross-flow between the phases, 
as well as diffusional terms. Mass transfer between the bulk of the flu
idized bed and an active particle is typically expressed in terms of a 
Sherwood number according to a Frӧssling-type correlation [13]: 

Sh = 2.0⋅∊mf + K⋅
(

Remf

∊mf

)1/2

⋅Sc1/3 (1)  

where ∊mf , is voidage at incipient fluidization conditions, K a fitting 
parameter, Remf is the Reynolds number at incipient fluidization 
referred to the active particle, and Sc is the Schmidt number. In the work 
of Scala [13], K=0.70. The reference to properties of the bed at incipient 
fluidization arises from the assumption that active particles mostly 
reside in the emulsion phase, and by the additional hypothesis that, 
according to the two-phase theory, the emulsion phase voidage is equal 
to the bed voidage at incipient fluidization ∊mf . 

There is extensive evidence from the literature that fluidization 
patterns of dense gas fluidized beds may largely depart from the basic 
two-phase theory, as regards both the split of fluidizing gas between the 
bubble and the emulsion phases, and associated bubble flow patterns, 
and the voidage in the emulsion phase. Key reaction engineering 

Nomenclature 

A surface area [m2] 
C concentration [kmol/m3] 
Cap capacitance [F] 
D column diameter [m] 
D̃b mean bubble diameter [m] 
D CO diffusion coefficient of carbon monoxide [m2/s] 
d particle diameter [μm] 
d̃ mean particle diameter [μm] 
Gain gain factor of capacitance measuring instrument [F V] 
H height [m] 
H̃ mean height [m] 
k mass transfer coefficient [m/s] 
K fitting parameter in Frӧssling type correlation [-] 
Q volume flowrate [m3/s] 
r radius [m] 
R column radius [m] 
RCO reaction rate of carbon monoxide [kmol/s] 
S column cross section [m2] 
t time [s] 
U gas velocity [m/s] 
Ũb∞ terminal rise velocity of an isolated bubble [m/s] 
V voltage [V] 
x reaction conversion degree [-] 
X bubble-emulsion phase mass transfer index [-] 

Greek Symbols 
∊ bed voidage [-] 
∊̃ mean bed voidage [-] 
〈∊〉 spatially averaged bed voidage [-] 
ε0 void dielectric constant [C2 N-1 m-2] 
κ relative dielectric constant [-] 
μ viscosity [N s m-2] 
ρ density [kg/m3] 
ρ̃ mean density [kg/m3] 
ϕ sphericity [-] 

Σ capacitance probe geometric characteristic [-] 

Dimensionless numbers 
Re Reynolds number [-] 
Sc Schmidt number [-] 
Sh Sherwood number [-] 

Subscripts 
a active particle 
b bubble phase 
conv convective diff diffusive 
down corresponding to an decreasing trend of voidage 
e emulsion phase 
g gas 
HV high-voidage 
LV low-voidage 
loose loose conditions 
mf incipient fluidization 
mode mode value 
n column section number 
p bed particle 
pack packed conditions 
r radial 
s solid 
up corresponding to an increasing trend of voidage 
1 low axial coordinate 
2 high axial coordinate 

Superscripts 
a active particle 
b bubble phase 
e emulsion phase 
in inlet 
mean mean value 
mode mode 
out outlet 
* threshold between the LV- and the HV-phases 
** threshold between the HV- and the bubble-phases  
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parameters, like the extent of gas bypass in the emulsion phase, visible 
bubble flow and bubble rise velocity, mass transfer around fluidized 
particles, emulsion-bubble interphase mass transfer, are affected 
accordingly. This has stimulated a continuing effort to diagnose detailed 
fluidization patterns by application of a broad variety of experimental 
techniques, aimed at pointwise characterization of bed voidage distri
bution, particle velocity, particle mass flux and gas velocity. 

Visual observation is a straightforward non-intrusive way to obtain 
information about bed voidage distribution, bubble shape and size, gas 
velocity. However, its use is limited to transparent-wall units hosting 
very dilute systems, the outer layer of fluidized beds, and pseudo-2D 
beds [14]. Visual inspection of the bed may be accomplished at 
moderate-to-high temperature by infrared [15] or X-ray imaging 
[16,17]. The latter could be extended to 3D units, although visualization 
of multiple bubbles and 3D patterns is hampered by the 2D projection of 
3D objects. High temporal resolution magnetic resonance imaging (MRI) 
has been employed to gather 2D images of particle concentration, 
bubbles and velocity fields in dense fluidized beds [18]. Limitations to 
the use of this otherwise promising technique are posed by operation at 
high temperatures, and by the need to develop engineered granular 
materials that may be considered representative of those fluidized in 
industrial applications. Tomography can be used as a non-invasive 3D 
imaging technique. Most electrical capacitance tomography (ECT) sys
tems operate at up to 1000 frames/sec sampling rate. This is an 
advantage over radioactivity-based tomography, for which sampling 
frequency is an issue to the benefit of higher spatial resolution. On the 
other hand, application of ECT in industrial installations is often prob
lematic in high-pressure and/or high-temperature applications in pro
cesses carried out in metallic vessels [14]. Radioactive particle tracking 
(RPT) is an option for investigating particle velocity and bed voidage 
[19], but an additional technique should be considered to study bubbles 
phenomenology. Moreover, RPT implementation entails the use of a 
tailored material resembling real bed properties. Positron emission 
particle tracking (PEPT) is a non-invasive technique similar to RPT [20]. 

Among intrusive diagnostics, fast response borescopic probes con
nected to high speed/resolution cameras can optically access the interior 
of the dense fluidized bed and provide time-resolved and local infor
mation on both bubble and emulsion phases [20]. Post-processing of 
borescope images may be somehow non-straightforward, entailing the 
choice of thresholds and imaging parameters that may introduce some 
bias in the results. Borescopic probes have been used in high tempera
ture dense fluidized beds. However, the technique has not been proved 
yet in high temperature 3D dense fluidized beds, but only as a non- 
invasive technique in pseudo-2D units [21]. Instead, optical fiber py
rometry has been successfully used as an intrusive tool in dense fluidized 
beds operated at 850 ◦C [22]. Optical probes can be employed for 
measuring gas distribution, solids velocity and bubble properties, 
including velocity, in fluidized beds. They have also been used in high 
temperature units [23]. They provide local measurements; thus, a suf
ficiently high number of probes must be adopted to gather a 3D 
description of the dense fluidized bed. 

Capacitance probes are similar to optical probes as they allow the 
investigation of several aspects of the dense fluidized bed, they can be 
easily implemented and signals are not difficult to interpret. Small 
measuring volumes [24], fine temporal resolution, relatively low costs 
and possible applicability in industrial units represent other positive 
features of this technique [14]. Needle capacitance probes [24] are 
usually utilized in fluidized beds since the miniaturized design causes 
very little disturbances of the flow. This aspect has been proved in the 
study of Tebianian et al. [25]: the use of a 4 mm OD probe produced 
slight qualitative variations on voidage distribution, and, quantitatively, 
the average voidage only changed within 2 % with reference to the 
condition where the probe was absent. A customized uncooled capaci
tance probe has been designed and manufactured for application to 
fluidized beds operated at high temperature [26]. The response of the 
probe can be fast enough to follow voidage fluctuations up to 2 kHz [14]. 

Diagnosis based on gas pressure measurements can be either intru
sive or not. Pressure probes are cheap and relatively easy to manufac
ture, and therefore widely applied in fluidized beds. They can give an 
estimate of bed bulk density or average bed height. When pressure is 
sampled at sufficiently high frequency, the pressure fluctuation signal 
can yield much more information about bed hydrodynamics. In fact, 
from pressure signals it is possible to obtain details about local bubble 
passage and non-local compression waves, which originate from bubble 
generation, bubble coalescence, bubble eruption, and gas flow fluctua
tions [14]. Time-resolved measurements concern single-point absolute 
pressures or pressure differences between two points. Even when suit
able sensors are used, measurements can easily be distorted due to 
resonance effects from the connection tubes, signal dampening caused 
by connection tubes small diameters, disturbances from purge flows, 
particles entering the probe, probe positioning relative to the bed. 
Moreover, interpretation of pressure signals is not straightforward [14]. 
Particle pressure can be measured separately from gas pressure by 
adding some bypass tubing to the chamber of the sensor covered by the 
diaphragm [27]. Acoustic measurements can be an alternative to pres
sure taps, especially in industrial units operated at high pressure. 
However, they are only used to obtain qualitative information about the 
state of fluidization [14]. 

The combined use of the above-mentioned techniques has greatly 
contributed to advance towards a more realistic description of the flu
idized beds, shedding light, among the others, on bubbling patterns: 
shape and size of bubbles, wake extension and associated flow [19], 
particle fingering and raining from the roof of the bubble, and associated 
bubbles splitting [28], formation of clouds, coalescence, bubble-induced 
large scale motion and solids mixing [29]. 

Departures of the voidage in the emulsion phase with respect to that 
at incipient fluidization conditions have been observed for Geldart A, AB 
[30], B [31] and D [32] groups solids. Cui et al. [33] underlined that 
both Geldart A and B solids exhibit a distribution of emulsion phase 
voidages, the mean void fraction of the emulsion-phase in a freely 
bubbling bed being remarkably different from that at incipient fluid
ization. Yates et al. [16] demonstrated, for groups A and B of Geldart 
classification, that voidage around gas bubbles decreases exponentially 
to that of the emulsion phase far from the bubble, and that there is no 
sharply defined boundary between bubble, cloud, and emulsion. 
Andreux and Chaouki [34] identified thresholds to separate the dense 
phase, the cloud and bubbles by adopting a statistically-based approach. 

Increasing the temperature affects the gas–solid distribution in a way 
that cannot be simply predicted by accounting for gas properties vari
ation (i.e., density and viscosity) [35,36]. Interparticle forces may play 
an important role under certain conditions, providing one key for the 
effect of temperature. Shabanian and Chaouki [37] extensively surveyed 
the literature regarding the effects of temperature, pressure and inter
particle forces on the hydrodynamic behavior of Geldart A, B and D 
solids. Altogether, it is concluded that the effect of temperature on bed 
hydrodynamics is still poorly characterized and understood, and this 
may jeopardize design and operation of industrial-scale fluidized bed 
converters operated at moderate-to-high temperature. 

In the present study, the voidage distribution in a dense bubbling 
fluidized bed of particles of a solid material belonging to group B of 
Geldart classification is investigated. Capacitance probes have been 
chosen due to their favourable features as compared with alternative 
diagnostics in terms of ease of operation and signal interpretation, 
temporal resolution, cost, applicability in severe high temperature en
vironments, and applicability in industrial units. Custom-made capaci
tance probes have been manufactured and fitted to a fluidized bed unit, 
with the measuring volume placed at different radial/axial positions in 
the column. The signals have been elaborated using a statistical 
approach and a detailed time-resolved analysis. Experiments have been 
performed both at room temperature and high temperature conditions. 
The measurements were also compared with mean bed voidage values 
calculated with equations from the two-phase theory model. A dedicated 
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experimental campaign has been directed to characterize the influence 
of gas flow distribution on the mass transfer around active particles 
when a fast chemical reaction, namely the catalytic oxidation of carbon 
monoxide at 450 ◦C over Pt-loaded alumina spheres, takes place. 

2. Experimental 

2.1. Apparatus 

Two types of experiments have been carried out: a) hydrodynamic 
characterization of the dense fluidized bed; b) measurement of the mass 
transfer coefficient between the bed and active catalyst particles during 
fast catalytic oxidation of CO. 

A stainless steel 3" diameter (schedule 40: ID 77.92 mm) and 1300 
mm high column, operated as atmospheric bubbling fluidized bed 
(Fig. 1), has been used for both the experiments. The fluidization gas 
distributor belongs to the low pressure drop type. It is a 2 mm triangular 
pitch perforated plate placed under two steel 40 μm passing light 
meshes, providing the major contribution to the distributor pressure 
drop. The average pressure drop across the gas distributor is 173 Pa, and 
its ratio to the pressure drop across bed solids ranges between 8 and 11 
%, depending on gas superficial velocity. The windbox is a 225 mm high 
stainless steel column filled with ceramic rings to equalize the gas flow. 
The fluidization column and bed material are heated by two semi- 
cylindrical 2.4 kW ceramic ovens, and the reactor is thermally insu
lated. Bed temperature is kept at the set point by a PID control unit 
regulating the ovens. Gases are fed to the column via high-precision 
digital mass flowmeters/controllers. The exhaust from the reactor is 
vented. The column presents 8 different 3/8" diameter (schedule 40: ID 
12.4 mm) ports that provide access to pressure/temperature and 
capacitance probes. In Fig. 1 only the ports which have been used for the 
experiments are represented. One port is located under the gas distrib
utor. The others consist in lateral accesses placed at different vertical 
positions along the column, at distances above the distributor plate of 
0.01, 0.06, 0.1, 0.14, 0.18, 0.34 and 0.95 m. Each measurement probe is 
connected to its data acquisition module and signals are acquired 
simultaneously on LabVIEW through a laboratory computer. 

2.2. Materials 

Grey quartz sand has been used as bed material in the hydrodynamic 
characterization experiments, whose properties are reported in Table 1. 
The material is conditioned and double sieved in a relatively narrow 
particle size range of 420–590 μm. The arithmetic mean diameter, ̃dp, is 
computed from the 420–590 μm sieve range, whereas the representative 
diameter is back calculated from the empirical equation of Wen and Yu 
(1966), starting from the value of the incipient fluidization velocity, Umf , 
measured at ambient temperature [38]. The sphericity of grey quartz, ϕ, 
is obtained as an adjustable parameter from Ergun equation [38], 
starting from values of Umf and voidage at incipient fluidization, ∊mf , 
measured at ambient temperature. This procedure, suggested by 
Knowlton [39], has been adopted by Formisani et al. [40]. ∊mf of quartz 
at ambient temperature is considered equal to the loose bed voidage, 
according to Grace et al. [41]. The loose bed voidage, as well as the 
packed bed voidage, ∊pack, is measured in a graduated cylinder of 500 ml 
so that wall effects could be minimized [42]. ∊mf at 500 ◦C is calculated 
from Ergun equation, where all the variables are measured or calculated 
at the temperature of interest and ϕ is the one back calculated at ambient 
conditions. 

Experiments aimed at measurement of mass transfer under reactive 
conditions have been performed using a batch of 2 %w/w Pt catalyst 
supported on γ-alumina dispersed in the inert bed material, whose 
properties are described in Table 1. The catalyst is selected among those 
tested by Scala [13]. Catalyst size is obtained by measuring each particle 
diameter with a caliper and, then, computing the arithmetic mean over 

all the measurements. Arithmetic mean density and diameter of particles 
are, thus, reported in Table 2. 

2.3. Hydrodynamic characterization of the dense fluidized bed 

2.3.1. Experimental procedure 
Fig. 1A reports an outline of the experimental test rig used for bed 

voidage measurements with capacitance probes. Grey quartz sand is 
fluidized in bubbling regime with air at ambient temperature and at 
500 ◦C. The same excess gas superficial velocities with respect to 

Fig. 1. (A) Experimental apparatus for bed voidage measurement experiments; 
(B) Experimental apparatus for reactive experiments. 1) Windbox; 2) electrical 
furnaces; 3) ceramic insulation; 4) gas distributor; 5) column ports for pressure 
transducers, thermocouples and capacitance probes; 6) thermocouple for oven 
PID controller; 7) bed solids; 8) fluidization column; 9) hood; 10) compressor; 
11) air flowmeter; 12) gas suction probe; 13) membrane pump; 14) gas ana
lyzers; 15) gas cylinders; 16) column ports for pressure transducers and ther
mocouples. H1 = 0.06 m and H2 = 0.1 m represent the axial location of the 
probes in terms of distance from the distributor. PT windbox: pressure trans
ducer placed under the gas distributor. 
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incipient fluidization, in the range of 0.01–0.35 m/s, are applied for the 
two temperatures. Additional excess gas velocities are tested at 500 ◦C, 
up to U − Umf = 0.68 m/s. The amount of bed material loaded in the 
column is such that the packed bed aspect ratio, H/D, is 1.6. 

The capacitance signal is recorded at two different axial positions 
inside the bed (H1 and H2), which are sufficiently far from both the 
distributor and the splash zone (distance from the distributor plate of 
0.06 and 0.1 m, respectively) to avoid end-effects. At each bed height, 
the capacitance probe is placed at three radial positions, namely bed 
center, mid-radius and wall, corresponding to r/R ratios of 0, 1/2 and 7/ 
9, respectively. For each run, capacitance signals are acquired and 
postprocessed using LabVIEW software for 180 s with a sampling fre
quency of 1 kHz. At low velocity, the acquisition time is shortened to 
120 s to avoid the establishment of temperature gradients inside the bed. 

2.3.2. Capacitance probes and signal processing 
The capacitance probe is a capacitor based on the typical needle-type 

cylindric design [24]. The measuring volume of the probe is defined by 
the electric field, which establishes between the protruding sensor 
needle and the outer diameter of the ground electrode. The capacitance 
of the medium that passes through the pseudo conical-shaped electric 
field is measured based on the sensing volume geometry, Σ, and on the 
relative dielectric constant of the medium, κ. The sensor is connected via 
a triaxial line consisting of central, guard [26,43], and ground electrodes 
to a customized amplifier. The amplification and rectification of the 
sensor AC voltage yields to a DC signal voltage, V, that corresponds to 
the output of the instrument. The signal shows inverse proportionality 
with the capacitance, Cap, through the gain factor of the amplifier: 

V = Gain/Cap = Gain
/

(κε0Σ) (2)  

where ε0 is the void dielectric constant. The present study is performed 
with a custom-made uncooled capacitance probe resistant to high tem
peratures. Central sensor, guard and ground cylinders are made of 
stainless steel, while the electric insulation is obtained by using ceramic 

tubes in the probe section immersed in the hot bed [26], and plastic 
tubes in the cold end of the probe. The ground tube outer diameter is 
6.75 mm, the needle length and diameter are 5.7 mm and 1.6 mm, 
respectively. The volume of the measured domain can be estimated 
around 130 mm3, calculated as mean value of the volume associated to a 
cylinder and to a cone. The connection of the central and guard elec
trodes to the customized amplifier through a low noise coaxial cable 
limits any disturbances on the measured signal. 

The greatest difficulty in designing the probe is to deal with different 
thermal expansions of steel and ceramic tubes. Therefore, the tubes are 
connected with refractory glue close to the sensing volume so that they 
can freely expand to the side opposite to the probe tip without altering 
the sensing volume geometry at high temperature. The refractory glue 
also prevents particles from entering between the cylinders. Fig. 2 re
sumes the stages of cylinders assembling. When the probe is inserted in 
the empty fluidization column, air signal is slightly lowered due to the 
column walls, but its average value never goes under 96 % of the signal 
recorded in free air outside the column. The value in air at 500 ◦C is 
recorded after heating the probe with fluidized quartz sand and draining 
the bed. The small variation of the signal from ambient temperature to 
500 ◦C can be due to a small radial expansion of the ground tube, thus 
capacitance increase and voltage decrease. The impact of this variation 
on actual measurements is negligible. 

Accuracy of bed voidage measurement by capacitance probes is 
critically dependent on the knowledge of the correct material relative 
permittivity. Relative dielectric constants, κs, reported in literature for 
grey quartz sand could be different from that of the sample adopted in 
the present study due to sensitivity to several parameters [24]. There
fore, κs for grey quartz sand was measured in situ, in dedicated tests 
performed keeping the bed at incipient fluidization. The general rela
tionship between κs and the emulsion phase voidage ∊ is given by: 

κ = κs⋅(1 − ∊) + ∊ (3) 

In the present case κ was measured under incipient fluidization 
conditions, κmf , and averaged over multiple measurements. The result
ing κs value at room temperature and at 500 ◦C is reported in Table 1. 
The relative dielectric constant of grey quartz sand increases with 
temperature. 

The time-resolved local relative permittivity of the fluidized bed 
obtained from Eq. (2) is further worked out, through Eq. (3), to obtain 

Table 1 
Properties of the inert bed material.  

Material Grey quartz sand 

Sieve range, dp[μm] 420–590 
d̃p [μm] 505 
Representative dp[μm] 517 
ϕ[ − ] 0.64 

ρp [
kg
m3 ]

2650 

ρloose(20◦ C)[
kg
m3]

1389 

Geldart group B 

Umf (20◦ C)[
m
s
] 0.207 

Umf (450◦ C)[
m
s
] 0.115 

Umf (500◦ C)[
m
s
] 0.119 

∊pack(20◦ C)[ − ] 0.44 
∊mf (20◦ C)[ − ] 0.48 
∊mf (500◦ C)[− ] 0.49 
κs(20◦ C)[− ] 3.5 
κs(500◦ C)[− ] 6.2  

Table 2 
Properties of catalyst particles used in reaction experiments.  

Mean size, 
d̃a[mm]

Particle 

density,ρ̃a[
kg
m3]

Type 

3.9 ± 0.11 1128 ± 109.4 2 % w/w Pt on γ-alumina spheres provided 
by Süd-Chemie  

Fig. 2. The capacitance probe. (A) From left to right: needle-type central 
sensor, inner ceramic tube, guard tube, outer ceramic tube, ground tube; (B) 
needle-type central sensor and ceramic tube assembly; (C) guard tube addition; 
(D) complete assembly; (E) refractory glue addition. 
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the time-series of local bed voidage. These time series have been further 
analyzed by a statistical method to generate Probability Density Func
tions (PDF) of the local voidage, using the Matlab software. The 
Freedman-Diaconis rule [44] has been used to select the optimal bin 
width, so that the resulting PDF is not affected by bed voidage values 
and acquisition time. The main features of the PDFs have been compared 
at different superficial gas velocities, axial/radial coordinate of capaci
tance probe sensing volume and temperatures. 

Pointwise voidage measurements are compared with the fluidized 
bed mean voidage, ∊̃, calculated as: 

∊̃ = 1 −
Hmf (1 − ∊mf )

H̃
(4)  

where H̃ is the mean bed height. Direct measurement of H̃ is problematic 
under the operating conditions of the test due to the rapidly fluctuating 
level of the bed surface. An estimate of H̃ can be obtained based on the 
two-phase theory from the volume fraction of the bed occupied by 
bubbles ∊

∼

b as: 
(

H
∼

− Hmf

)/

Hmf
= ∊

∼

b/(1 − ∊
∼

b)
(5) 

valid for group B and D powders, under the assumption that the 
dense phase voidage does not depart much from ∈mf and bed expansion 
is dominated by the hold-up of bubbles [45]. When the visible bubble 
flow and the mean bubble velocity are considered, Eq. (5) becomes 
(

H̃ − Hmf

)/

Hmf
=

(
U − Umf

)/

Ũb∞
(6)  

where Ũb∞, the mean bubble rise velocity with respect to the emulsion 
phase, is estimated for a characteristic bubble diameter, D̃b, which, in 
the present case, is the bubble diameter at mid-height of the fluidized 
bed, estimated according to Darton et al. [46]. 

The local capacitance probe measurements are integrated first over 
the whole cross section under axisymmetric assumption and then over 
the bed height. The integration is performed by dividing the column 
section into three concentric subsections, Sn: 

〈∊〉r =

∑3
n=1∊mean

n Sn

S
(7) 

with n representing the subsection number. The averaging over the 
height is performed computing the arithmetical mean of 〈∊〉r,1 and 〈∊〉r,2, 
which refer to H1 and H2 coordinates. 

2.4. Measurement of the mass transfer coefficient under reactive 
conditions 

2.4.1. Experimental procedure 
Fig. 1B shows the experimental apparatus equipped for the reaction 

experiments. The amount of bed material loaded in the column is the 
same as in the experiments described in paragraph 2.3. The first three 
measurement ports, starting from the distributor, are equipped with gas 
pressure transducers to check the fluidization quality, and with K-type 
thermocouples to verify bed temperature uniformity. The fourth port is 
employed for the PID thermocouple. Ports from the fifth to the seventh 
host K-type thermocouples to measure the temperature in the splash 
zone and in the freeboard of the reactor. The gas feeding at the desired 
composition (CO 830 ppmv, O2 5 %v/v, N2) is obtained by mixing three 
streams of gas supplied from cylinders containing high purity N2, O2, 
and a N2-CO mixture (30 %v/v CO), respectively, metered by three gas 
flowmeters calibrated with a bubble flowmeter. A stainless-steel L-shape 
probe is inserted from the top of the column in order to convey a known 
fraction (60 l/h) of the exit gas directly to the gas analyzers. Gas sam
pling is performed at a distance from the top section of the bed of about 
450 mm. The probe is a 4 mm ID tube, plugged at the end of the 

horizontal section inserted in the column. Gas is sampled through five 1 
mm diameter holes, uniformly distributed along the horizontal section 
of the tube so as to measure the mean gas composition over the column 
cross-section. The analyzers measure on-line O2, CO and CO2 concen
trations in the exhaust gases. The measuring ranges of the CO and CO2 
analyzers used in the experiments are 10,000 and 2000 ppmv, respec
tively. They are calibrated at the beginning of each lab-work day with 
specific calibration cylinders for CO (1000 ppmv CO) and CO2 (200.2 
ppmv CO2). The analyzers are also employed to verify the composition of 
the gas mixture at the column feeding port, via a valve that deviates a 
small gas flowrate to the analyzers. 

Experiments are carried out at a bed temperature of 450 ◦C. A pre
liminary check was directed to verify that contributions to CO oxidation 
arising from homogeneous gas phase reactions and from sand or wall 
catalyzed reactions could be neglected at the selected temperature. 
Possible segregation of catalyst particles was ruled out after dedicated 
cold tests, at scaled operating conditions, in which the bed solids and the 
catalyst particles were fluidized in a Plexiglas column to allow visual 
inspection. External diffusion around the catalyst particle was consid
ered as the only controlling resistance for CO oxidation at 450 ◦C, as 
widely verified by Venderbosch et al. [47] and by Scala [13]. 

The gas superficial velocity was varied in the range 0.215 m/s < U <

0.815 m/s, corresponding to fully established freely bubbling fluidiza
tion regime. A preliminary analysis of the pressure time series in the 
frequency domain highlights a dominant characteristic frequency in the 
range 2–3 Hz, typical of bubbling conditions and far from slugging [48]. 

The tests were performed by injecting a batch of catalyst particles in 
the fluidized bed from the top of the column. The mass of the catalyst 
was selected so as to establish a conversion degree of carbon monoxide, 
xCO, of about 5 %, corresponding to nearly differential operation. 
Accordingly, uncertainties associated with detailed fluid-dynamics of 
the bed are minimized. The mass of catalyst particles increases with 
increasing flowrate due to the decrease of the gas residence time. After 
catalyst feeding, concentrations of CO, CO2 and O2 in the exhaust gases 
are measured by the analyzers and signals acquired using the LabVIEW 
software at a sampling rate of 1 Hz during the transient and the steady- 
state condition. 

2.4.2. Analysis of data 
Analysis of the experimental data assumes that the catalyst particles 

only reside in the dense phase of the fluidized bed. This assumption is 
based on the experimental evidence reported in the literature, consid
ering that catalyst particles are coarser than the inert bed solids. Bed 
fluid dynamics is modelled according to the two-phase fluidization 
theory: gas in the bubble phase is in plug flow; gas and solids in the 
emulsion phase are well stirred. Gas perfect mixing in the emulsion 
phase is a direct consequence of the small conversion degree. The 
bubble–emulsion phase mass transfer coefficient is calculated according 
to Sit and Grace [49] and, consequently, the bubble–emulsion phase 
mass transfer index, X, is derived. Under external diffusion control 
(assuming a vanishing CO concentration at the surface of the active 
particle) the total reaction rate in the dense phase of the fluidized bed, 
RCO, can be expressed as 

RCO = Aa⋅kg⋅Ce
CO (8) 

Aa being the total external surface of the spherical catalyst particles 
and kg the emulsion gas-to-active particle mass transfer coefficient. 
Below, the material balances on CO in the bubble (Eq. (9)) and dense 
phase (Eq. (10)), and at the reactor outlet (Eq. (11)) are reported under 
the above assumptions: 

Cb
CO = Ce

CO +
(
Cin

CO − Ce
CO

)
⋅e− X (9)  

Aa⋅kg⋅Ce
CO = Q

(
Cin

CO − Cout
CO

)
(10)  

Q⋅Cout
CO = Qmf ⋅Ce

CO +
(
Q − Qmf

)
⋅Cb

CO (11) 
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where the unknowns are represented by kg, CO concentration in the 
bubble phase, Cb

CO, and in the emulsion phase, Ce
CO. Q represents the 

volumetric flowrate. By substituting Eq. (9) in Eq. (11), Ce
CO can be 

expressed as a function of CO concentration at the inlet, Cin
CO, and outlet, 

Cout
CO. xCO =

Cin
CO − Cout

CO
Cin

CO 
is the overall CO conversion degree in the reactor, as 

measured in the experiments, and the Sherwood number is defined as 
Sh =

kgda
D CO

, where da is the diameter of the active particle and D CO is the 
diffusion coefficient of CO. By introducing these two terms in Eq. (10) 
and substituting the expression for Ce

CO previously derived, the equation 
for the calculation of Sh number can be finally written: 

Sh =
daAr

D COAa
⋅
Umf +

(
U − Umf

)
⋅(1 − e− X)

(1 − xCO) −
U− Umf

U ⋅e− X
⋅xCO (12) 

where Ar is the reactor cross section. 

3. Results and discussion 

3.1. Bed voidage measurements by capacitance probes 

Fig. 3 represents selected time-series of local bed voidage recorded at 
ambient temperature at different excess gas superficial velocities, with 
the capacitance probe inserted at the column center at H1. At the smaller 
gas superficial velocity (Fig. 3A), the bed voidage oscillates around a 

dominant value corresponding to incipient fluidization. The minimum 
voidage is close to packed conditions, whereas upward spikes mark the 
passage of bubbles. As gas superficial velocity is increased (Fig. 3B) the 
passage of bubbles becomes more frequent, though a “baseline” repre
sentative of the emulsion phase may still be recognized, around a voi
dage slightly higher than ∊mf . Further increase of the superficial gas 
velocity (Fig. 3C) makes the signal more chaotic. Time-resolved voidage 
signals obtained at 500 ◦C and at different excess superficial gas veloc
ities are reported in Fig. 4. The general qualitative features of the voi
dage time-series at high temperature resemble those observed at room 
temperature. 

Time-resolved bed voidages corresponding to the gas velocities, 
temperatures, and radial/axial locations of the capacitance probe tested 
indicate that:  

• local bed voidages at 500 ◦C, averaged over the entire acquisition 
time, are larger than those measured at ambient temperature for any 
given excess gas superficial velocity U − Umf when the sensing vol
ume of the probe is placed at the column center and mid-radius, 
whereas they are similar when the probe is located close to the wall.  

• Maxima in the voidage signals slightly decrease as temperature is 
increased, a feature that could be due to smaller bubbles or more 
solids occupying the bubble volume at 500 ◦C. Hilligardt and Wer
ther [31] reported that an increase in bed temperature results in a 
decrease of bubble size. Shabanian and Chaouki [37] concluded that, 

Fig. 3. Time-resolved voidage signals. Probe radial location:r/R = 0; probe level: H1, T: ambient. (A) U − Umf = 0.01m/s; (B) U − Umf = 0.05m/s; (C) U − Umf =

0.25m/s. The dotted horizontal line in red represents ∊mf value. (For interpretation of the references to colour in this figure legend, the reader is referred to the web 
version of this article.) 
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for Geldart B solids, there is a tendency of gas to interstitially pass 
through the particles at high temperature.  

• Minima in the voidage signals show the opposite behavior, 
increasing as temperature increases. It is plausible that values at 
ambient temperature fall around the packed bed voidage, as 
measured in the graduated cylinder, and reported in Table 1. As 
temperature is increased, even the packed bed voidage could in
crease with respect to ambient conditions [40].  

• The mean local bed voidage is greater at the top level H2 both at 
room and at high temperature. The same trend is observed for the 
maximum voidage. Instead, the baseline voidage levels are nearly 
the same at the two axial coordinates for both temperatures.  

• No noticeable differences arise for minimum and maximum values of 
local bed voidage measured along the radial coordinate, for the 
tested material. Minima are nearly constant with gas velocity; in 
agreement with Cui et al. [33], the growth of maximum value is 
exponential for low values of U − Umf and the voidage remains nearly 
constant at higher gas velocities. 

Fig. 5 reports the time and spatially-averaged values of bed voidage 
as a function of the excess gas superficial velocity. Averaging of local 
experimental data according to Eq. (7), followed by the arithmetic mean 
between values at H1 and H2, shows departures from the mean bed 
voidage, expressed by Eq. (6), that never exceed 10 %. 

Interpretation of the voidage time series is better accomplished by 
means of the statistical approach presented hereinafter. To this end, the 
time series of the local voidage have been worked out to yield the PDF 

reported in Fig. 6, for ambient temperature, and in Fig. 7, for the data set 
at 500 ◦C, at different locations in the bed. 

Analysis of the PDF turns out to be helpful to infer key features of bed 
hydrodynamics [50]. As the bed is operated under nearly incipient 

Fig. 4. Time-resolved voidage signals. Probe radial location: r/R = 0; probe level: H1, T: 500 ◦C. (A) U − Umf = 0.01m/s; (B) U − Umf = 0.05m/s; (C) U − Umf =

0.25m/s; (D) U − Umf = 0.5m/s. The dotted horizontal line in red represents ∊mf value. (For interpretation of the references to colour in this figure legend, the reader 
is referred to the web version of this article.) 

Fig. 5. Time- and space-averaged bed voidage as a function of excess gas su
perficial velocity. T: 500 ◦C. Data points: measurements by capacitance probes; 
line: Eq. 4. 
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fluidization conditions (U ≅ Umf ), the PDF displays a slightly skewed 
unimodal trend, with a voidage modal value ∊mode ≅ ∊mf . Indeed, the 
bed is mainly constituted by the emulsion phase, characterized by a 
fairly narrow distribution of local void fractions, with small and occa
sional bubbles contributing to the tail corresponding to the larger values 
of ∊. As the gas superficial velocity is increased, a pronounced peak, 

representative of the bubble phase, appears at ∊ ≅ 1. The bubble-phase 
peak sharpens as U − Umf increases, keeping an almost constant voidage. 
As the gas superficial velocity increases, the distribution of voidages 
associated to the emulsion phase reveals a composite nature. The 
convolution of two modes becomes evident as a shoulder at first, 
emphasized as the gas superficial velocity increases to the point of 

Fig. 6. Probability density functions of the local voidage at ambient temperature for different U − Umf and probe locations. Probe level H2 = 0.1 m from distributor: 
(A) Center; (B) Mid-radius; (C) Wall. Probe level H1 = 0.06 m from distributor: (D) Center; (E) Mid-radius; (F) Wall. 

Fig. 7. Probability density functions of the local voidage at 500 ◦C for different U − Umf and probe locations. Probe level H2 = 0.1 m from distributor: (A) Center; (B) 
Mid-radius; (C) Wall. Probe level H1 = 0.06 m from distributor: (D) Center; (E) Mid-radius; (F) Wall. 
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displaying two distinct peaks. The comparison of the PDF of the voidage 
signals recorded at different locations suggests that all the features 
become sharper at the upper level, H2. Moreover, the contribution of the 
bubble phase to the PDF is larger at the upper level and along the axis of 
the bed under all the experimental conditions. This finding suggests that 
bubbles move toward the bed axis and coalesce during their uprise [51]. 
The contribution of the bubble phase to the PDF is larger at 500 ◦C than 
at room temperature. 

The recognition of the composite, bimodal nature of the PDF 
component associated with the emulsion phase is very remarkable, and 
suggests that different phases with specific voidages co-exist in the 
emulsion phase: a lower voidage LV-phase and a higher voidage HV- 
phase. The peak voidages corresponding to either phase, respectively 
∊mode

LV and ∊mode
HV , are plotted as a function of U − Umf in Fig. 8. Data points 

in this figure are reported for the two measurement levels, H1 vs H2, and 
for different temperatures, ambient vs 500 ◦C. Peak voidages ∊mode

LV and 
∊mode

HV may be distinctively recognized only at excess gas superficial ve
locities U − Umf exceeding 0.1–0.2 m/s, and at specific bed axial/radial 
coordinates. In the other cases, the assessment of the two modal com
ponents, and of the associated peak values ∊mode

LV and ∊mode
HV , would require 

elaborated and possibly uncertain deconvolution procedures of the 
composite PDF, that have not been accomplished. So, at relatively low 
superficial gas velocities, where ∊mode

LV ≅ ∊mode
HV , only one value has been 

plotted as emulsion phase voidage peak, ∊mode
e . At higher superficial gas 

velocities, where ∊mode
LV could not be distinctively recognized, but 

∊mode
LV ∕= ∊mode

HV , only ∊mode
HV has been plotted. Inspection of Fig. 8 suggests 

that ∊mode
LV is fairly constant, displaying only moderate departures from 

∊mf throughout the range of excess gas superficial velocities investi
gated. On the contrary, the peak voidage of the HV-phase, ∊mode

HV , in
creases monotonically as U − Umf increases, approaching local bed 
voidages as large as 0.7. Again, Fig. 8 suggests that the bimodal char
acter of the emulsion phase component of the PDF is sharper and better 
recognizable at H2 for both temperatures. 

In order to shed light on the physical nature of the HV- and LV- 
phases, the voidage time-series have been further analyzed to assess 
whether recurrent temporal patterns could be recognized. To this end, a 
closer scrutiny has been dedicated to events associated to the passage of 
bubbles. Fig. 9A reports a close-up sample of voidage time-series ob
tained in experiments carried out with the probe located at the bed axis, 
upper level, H2, at ambient temperature and excess gas superficial ve
locity of U − Umf = 0.2m/s. The selection of the probe location at the bed 
axis and at the upper level, H2, was intentionally made to increase the 
probability that the probe is located along the uprise trajectory of in
dividual bubbles. Data in Fig. 9A have been interpreted in the light of the 
representative pattern reported in Fig. 9B, where distinct stages typi
cally associated with the bubble passage are represented. The PDF of the 
voidage time series is reported in Fig. 9C. A statistical analysis has been 
performed on the time series of bed voidage, by analyzing patterns 
associated to more than 50 bubble passages. Values of characteristic 
times in Fig. 9B have been obtained by determining the timings t**

down and 
t**
up at which the signal crosses the voidage ∊**, assumed as the threshold 

between the bubble and the emulsion phase, and the timings t*down and t*
up 

Fig. 8. Plot of peak voidages of the PDF for the HV- (hollow symbols) and LV- (non-edged full symbols) modal components (∊mode
LV and ∊mode

HV , respectively) as a 
function of the excess gas superficial velocity U − Umf . Where ∊mode

LV ≅ ∊mode
HV , only one value as emulsion phase voidage peak, ∊mode

e (edged full symbols). (A) Probe 
level: H2=0.1 m from distributor, T: ambient. (B) Probe level: H2=0.1 m from distributor, T: 500 ◦C. (C) Probe level: H1=0.06 m from distributor, T: ambient. (D) 
Probe level: H1=0.06 m from distributor, T: 500 ◦C. Probe radial location: circles r/R = 0; squares r/R = 1/2; diamonds r/R = 7/9. 
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at which the signal crosses the voidage ∊*, assumed as the threshold 
between the LV- and the HV-phases. Values of ∊* and ∊** have been 
taken as the minima in the PDF of Fig. 9C. The results of the statistical 
analysis are reported in Table 3. The entire cycle associated with a 
bubble passage, t**

up, lasts, in the average 0.37 s. The time intervals during 
which the probe is in contact with the bubble, the LV-phase and the HV- 
phase are, in the average, 0.083 s, 0.037 s and 0.13 s, respectively. It is 

noteworthy that, on a statistical basis, 
(
t*
down − t**

down
)
≪
(

t**
up − t*up

)
, a 

feature that suggests that the passage of the bubble is immediately fol
lowed by the detection of the LV-phase, eventually followed by the 
detection of a progressively more expanded state of the emulsion phase 
that reaches a maximum just before the arrival of a new bubble. This 
finding is consistent with the qualitative pattern represented in Fig. 9B, 
that implies the phenomenology associated to the passage of a bubble is 
characterized by the sequence Bubble → LV-phase → HV-phase. More
over, the combined analysis of Fig. 9A and of the associated PDF in 
Fig. 9C suggests that the spectrum of bed voidages associated with the 
HV-phase is broader than the spectrum of the LV-phase. 

These features represent the basis for a tentative inference of the 
physical nature of the LV- and HV-phases. It may be speculated that the 
HV-phase establishes in the emulsion phase as a consequence of shear 
flow induced by the passage of the bubble. The broad spectrum of 
voidages would reflect different values of the local shear rates, that 
reach a maximum as a rising bubble approaches the probe. Accordingly, 
expansion of the emulsion phase in the proximity of bubbles would 
reflect the well established dilatancy of dense granular flows subject to 
shear. In this framework, the LV-phase immediately trailing the bubble 
should correspond to solids located in the bubble wake, characterized by 
prevailingly coherent translational motion and no shear. Of course, at 
small excess gas superficial velocities the emulsion phase would be 
predominantly undisturded by the bubble passage and a fairly narrow 
range of local bed voidages typical of the LV-phase (≈ ∊mf ) would 
establish throughout the bed. Altogether, it may be concluded bubble- 
induced shear might be responsible for the establishment of an 
expanded state of the emulsion phase at voidages well exceeding ∊mf to 
an extent that increases with increasing excess gas superficial velocity 

(
U − Umf

)
. 

3.2. Mass transfer-limited reaction experiments 

Results of experiments aimed at measurement of the mass transfer 
coefficient under reaction conditions are reported in Fig. 10. The values 
of the Sherwood number measured during catalytic oxidation of CO are 
plotted as a function of the excess gas superficial velocity 

(
U − Umf

)
. For 

each operating condition, data points were averaged over three inde
pendent experiments. The experimental procedure closely reflects that 
adopted by Scala [13], but the larger inner diameter of the present 
experimental apparatus prevents the onset of slugging, so that all the 
experiments were carried out under freely bubbling conditions. 

The Frӧssling-type Eq. (1), whose validity has been discussed by 
Scala [13], is typically used to calculate the Sherwood number to express 
mass transfer to active particles in bubbling fluidized beds. Values of Sh 
computed using Eq. (1) are plotted in Fig. 10 for comparison with 
experimental data. It is noteworthy that the Sherwood numbers ob
tained from the experiments increase with increasing fluidization ve
locity, whereas Sh calculated from Eq. (1) is fairly constant. This 
discrepancy can be explained considering the results obtained in the 
previous section, in the light of the bubble-induced expansion of the 
emulsion phase. Consistently with results of Scala [13], the catalyst 
particles, whose size largely exceeds that of the inert bed particles, 
mostly reside in the emulsion phase of the fluidized bed. Correspond
ingly, computations of Sh must be based on the value of the voidage that 

Fig. 9. (A) Sample of the time-resolved voidage signal. (B) Schematic pattern of the time resolved voidage associated with the passage of a bubble; (C) PDF of the 
time series. Operating conditions: ambient temperature, U − Umf = 0.2m/s, probe location: bed axis, upper level (H2 = 0.1 m from distributor). 

Table 3 
Characteristic times of the voidage time series. Oper
ating conditions: ambient temperature, U − Umf =

0.2m/s, probe location: bed axis, upper level (H2).  

Time [s]  

t**
up 0.374 ± 0.077 

t*up − t*down 0.083 ± 0.023 

t*down − t**
down 0.037 ± 0.042 

t**
up − t*up 0.131 ± 0.054 

t**
down ≅ tb 0.122 ± 0.044  

Fig. 10. Sherwood number as a function of excess gas superficial velocity. T =
450 ◦C; bed material: grey quartz sand. Frӧssling-type correlations: Eq. (1) 
(continuous line), K=0.70; Eq (13) (dashed line), K=0.84. 
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is actually established in the emulsion phase. The expanded state of the 
emulsion phase as the excess gas superficial velocity increases, reported 
and discussed in the previous section, must be taken into account in the 
computations. Accordingly, Eq. (1) has been modified into: 

Sh = 2⋅∊e + K⋅(Ree/∊e)
1/2⋅Sc1/3 (13)  

where Ree = ρg⋅Ue⋅da
p
/

μg
, and ∊e and Ue are the effective voidage, and 

gas velocity of the emulsion phase, respectively. The value of Ue is 
estimated from the correlation reported by Hilligardt and Werther for 
three-dimensional beds [31]: 

Ue − Umf

U − Umf
=

1
3

(14) 

The value of ∊e is taken as the voidage of HV-phase averaged over the 
column cross-section and bed height for each gas superficial velocity, 
obtained according to the experimental procedure reported in section 
2.3.2. Fitting Eq. (13) against experimental results reported in Fig. 10 
yields K = 0.84. Equation (13), with ∊e and Ue estimated as reported 
above, is plotted in Fig. 10. The good agreement of values of Sh 
computed with Eq. (13) with the experimental data points confirms the 
validity of the assumption that the expanded state of the emulsion phase 
must be taken into account in the calculation of the effective Sherwood 
number, and provides additional confirmation of the expansion of the 
emulsion phase of the bed at increasing gas superficial velocity. 

Sh, according to Eq. (13), is composed of two additive contributions 
associated with the diffusive (Shdiff) and convective (Shconv) terms of 
mass transfer, respectively. Fig. 11 reports the values of the two com
ponents as a function of U − Umf , using the spatially averaged voidage of 
HV-phase, according to the experimental procedure reported in section 
2.3.2, and K = 0.84. It can be observed that: i) Shconv always exceeds 
Shdiff ; ii) Shconv and Shdiff increase linearly with U − Umf ; iii) the slope of 
Shconv is 4.5 times higher than that of Shdiff . Overall, the comparison of 
the two curves highlights that Shconv represents the major contribution of 
Sh and its relevance becoming higher as U − Umf is increased. As matter 
of fact, Shdiff is limited by the effective voidage of the emulsion phase, 
which does not exceed 0.69 in the results reported in the present 
experimental campaign. Instead, Shconv mainly depends on the effective 
gas velocity in the emulsion phase, which steadily increases with 
U − Umf . 

4. Conclusions 

Capacitance probes have been successfully utilized to characterize 
the hydrodynamics of Geldart-B solids dense fluidized beds operated at 
ambient and high temperature. The custom-made probes have displayed 
excellent durability, working for more than 200 h at 500 ◦C, under the 
mechanical action of the fluidizing particles, without noticeable alter
ation of the capacitance signal. Different locations of the probes 
permitted to obtain spatial maps of time-resolved pointwise values of the 
bed voidage, which were consistent with independently derived values 
of the overall bed voidage. 

Statistical analysis of the time-series of local bed voidage yields 
probability density functions (PDF) that display multimodal patterns. A 
remarkable bimodal character is apparent in the portion of the spectrum 
that refers to the emulsion phase of the bed, more pronounced as the gas 
superficial velocity is increased. It is inferred that different phases at 
distinctively different voidage co-exist in the emulsion phase: a lower 
voidage LV-phase and a higher voidage HV-phase. A detailed analysis of 
selected time series was accomplished, with the aim of inferring the 
physical nature of the LV- and HV-phases. It is speculated that the LV- 
phase, which is detected by the probes immediately after the passage 
of the bubble, may be associated with the wake of the bubble, whereas 
the HV-phase may be representative of the bulk of the emulsion phase. It 
is further speculated that the expanded state of the HV-phase, above the 
voidage of the incipiently fluidized bed, may be the consequence of bed 
dilatancy associated with bubble-induced shear flow. 

Although results obtained at 500 ◦C qualitatively resemble those 
obtained at ambient temperature, quantitative differences are observed, 
confirming the need for characterization of bed hydrodynamics at 
temperatures of interest in industrial applications. 

A dedicated campaign consisting of fluidized bed catalytic oxidation 
of CO has been directed to the assessment of the mass transfer coefficient 
between the bulk of the bed and active particles, under the assumption 
of infinitely fast chemical kinetics. Results are fully consistent with the 
experimental findings obtained from the hydrodynamic characterization 
of the bed at comparable temperature. In particular, it is shown that 
better estimates of the active particle Sherwood number Sh are obtained 
if the Frӧssling equation is implemented using the actual voidage of the 
expanded emulsion phase, rather than the voidage corresponding to 
incipient fluidization. This analysis is relevant to the assessment of bed- 
particle mass transfer coefficients controlling the apparent reaction rate 
in the fast-chemical reaction regime. This regime is frequently encoun
tered in many fluidized bed processes aimed at thermochemical con
version of solid fuels. 
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