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H I G H L I G H T S G R A P H I C A L  A B S T R A C T

• Emulsion-phase expansion is mainly 
associated with bubble-induced shear 
flow.

• Particles surface properties impact on 
emulsion-phase dilatancy and 
espansion.

• Characteristic normalized values of 
emulsion-phase voidages are obtained.

• The Richardson-Zaki correlation can be 
used for emulsion phase expansion.

• Hydrodynamics of fluidized bed dense 
phase impact on transport phenomena.
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A B S T R A C T

The hydrodynamics of Geldart B and D solids dense fluidized beds, of spherical/irregular morphology, have been 
characterized using capacitance probes at ambient temperature and 500 ◦C. A statistical approach applied to the 
time series of local bed voidage reveals, at specific experimental conditions, a characteristic bimodal distribution 
in the emulsion phase voidage: a more expanded, high-voidage, phase can be distinguished from a low-voidage 
phase with values close to minimum fluidization condition. Quantitative and qualitative differences among 
tested materials can be associated to different particles morphology. Emulsion phase voidages for the tested 
samples collapse on the same characteristic value once normalized with the voidages at incipient fluidization 
condition. The Richardson-Zaki equation proves to effectively correlate also in the bubbling fluidization regime 
the voidage and gas superficial velocity in the emulsion phase. The influence of hydrodynamics of fluidized bed 
dense phase on mass transfer in the emulsion phase is clearly highlighted.
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Notation

A area [m2]
d diameter [m]
d̃ mean diameter [m]
D column diameter [m]
h distance from distributor [m]
H height [m]
K fitting parameter in Frӧssling-type correlation [− ]
ktf throughflow coefficient [− ]
n parameter in Richardson-Zaki correlation [− ]
r radius [m]
R column radius [m]
S column cross section [m2]
U superficial gas velocity [m/s]
Y correction factor for the visible bubble flow with respect to 

the two-phase theory [− ]

Greek symbols

δ volume fraction of bubble phase [− ]
ε voidage [− ]
〈ε〉 spatially averaged voidage [− ]
θ polar coordinate of the bubble
κ relative dielectric constant [− ]
ρ density [kg/m3]
ϕ particle sphericity [− ]
σ local LV-phase fraction in the emulsion phase [− ]

Dimensionless numbers

Ar Archimedes number [− ]
Re Reynolds number [− ]
Sh Sherwood number [− ]
Sc Schmidt number [− ]

Subscripts

b bubble
e emulsion/dense phase
f fluidized bed
LV low-voidage phase
HV high-voidage phase
i subsection number
mf minimum fluidization conditions
p particle
pack packed
r radial
s solid
t terminal
tf throughflow
th threshold

Superscripts

mode mode

1. Introduction

Gas fluidized bed systems are often chosen for industrial processes in 
which the intimate contact between the solid and gas phase is required 
[1]. Thus, the correct modeling of gas flow distribution is essential to the 
proper units design and operation. The two-phase theory of fluidization 
postulated by Toomey and Johnstone [2] has been of fundamental 
importance as a conceptual framework of aggregative fluidization for 

freely bubbling fluidized beds of Geldart B and D particles. Nevertheless, 
it is long established that, in several cases, the two-phase theory seri
ously overestimates the visible bubble flow [3]. Some studies attributed 
this discrepancy in visible bubble flow to an increase in the interstitial 
gas velocity in the dense phase above that required for incipient fluid
ization [4–6]. Further studies confirmed that the dense-phase does not 
remain at minimum fluidization conditions as superficial gas velocity is 
increased [7,8]. However, a thorough mechanistic model of the dense 
phase expansion for the different particle groups of Geldart classification 
has not been proposed so far. Other theories related the discrepancy in 
visible bubble flow mostly to throughflow inside bubbles [9], leading to 
the so-called modified two-phase theory [10]. Grace and Clift [3] 
considered this theory still oversimplified. In a more comprehensive 
view, Valenzuela and Glicksman [11] considered that the gas may cross 
the horizontal section of a conventional bubbling fluidized bed 
following all the mentioned mechanisms:

• as bubble voids, contributing to the visible bubble flow,
• as flow through the bubbles, known as throughflow component,
• as interstitial flow through the particles in the dense phase (not 

necessarily at minimum fluidization conditions).

This can be translated in the following gas balance on superficial gas 
velocity, U: 

U = Ue(1 − δ)+Ubδ+Utfδ (1) 

where δ is the volume fraction of the bed occupied by bubbles, Ue 

represents the superficial gas velocity in the dense phase, Ub the bubble 
velocity, Utf the velocity of gas passing through the bubble boundaries. 
All these quantities represent values averaged both in time and space. 
For Darcy-type gas flow in the dense phase, the gas pressure field de
pends only on volume, shape and location of bubbles [12] and the ve
locity in dense phase Ue is directly proportional to its gas permeability 
[11], under the assumptions of uniform value of voidage of the dense 
phase, εe, of constant volume of bubbles i.e. a net zero gas flow around 
the bubble boundary and of incompressible gas phase. Thus, being the 
bubble throughflow velocity, Utf dependent only on the gas pressure 
field in the bubbling fluidized bed and on dense phase permeability, the 
interrelation between Utf and Ue can be simply expressed through a 
proportionality coefficient, ktf , resulting in: 

U = Ue(1 − δ)+Ubδ+ktfUeδ (2) 

According to Davidson’s model [13], for a single three-dimensional 
spherical bubble in an infinite bed at the incipient fluidization condi
tion, ktf is 3, with Utf = ktf Umf . Instead, Murray’s analysis [14] referred 
to a three-dimensional spherical bubble predicts that the relative ve
locity between the fluid and bubble is Umf (1+ cosθ), θ being the polar 
coordinate of the bubble. It results that the average value for ktf is 1. 
Deviations from reported values of ktf can occur for bubbles having a 
shape different than the spherical one, in freely bubbling fluidized bed 
conditions and following specific bubbles patterns [11].

Glicksman and McAndrews [15] measured the throughflow coeffi
cient for several bed widths, but considered the dense phase at incipient 
fluidization conditions, even for fluidization numbers much higher than 
one. Olowson and Almstedt [16] measured the gas throughflow velocity 
inside bubbles of a 3D cold large-fluidized bed at different pressure 
conditions. Other researchers [17,18] performed measurements in 2D 
fluidized beds of isolated bubbles operated at superficial velocity 
slightly higher than incipient fluidization conditions. Lim et al. [19] 
measured a throughflow factor in a 2D fluidized bed of Geldart B solids 
using a gas balance where bubble, wake and dense phases were 
included, with the dense phase considered at minimum fluidization 
conditions. Wu et al. [20] run experiments in which single bubbles were 
injected into an incipiently 3D fluidized bed. By modifying the Sit and 
Grace model [21], they identified a range of throughflow coefficients, 
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which varied according to the operating temperature and the adopted 
material. Solimene et al. [22] measured local throughflow coefficients of 
isolated bubbles in experiments on 3D hot gas-fluidized beds of Geldart 
B and D solids operated at incipient fluidization conditions. Almendros- 
Ibáñez et al. [23] studied the effect of voidage distribution around 
endogenous bubbles on the throughflow component in 2D fluidized 
beds. Bakshi et al. [24] adopted computational fluid dynamics (CFD) to 
simulate bubbling fluidized beds representative of large scale units. The 
authors statistically determined the gas-flow distribution in fluidized 
beds of three distinct Geldart B particles at several superficial gas ve
locities. A throughflow factor, indicating the tendency for throughflow, 
was defined. Villanueva-Chávez and Bizzo [25] developed a one- 
dimensional mathematical model of the fluid dynamics and the 
biomass combustion process in a bubbling fluidized bed. They included 
the throughflow component in the gas balance and, unlike in the classic 
approach, the emulsion phase was considered not to remain under 
minimum fluidization conditions. Results were validated with experi
mental and CFD studies from other authors [26,27].

The coefficient ktf could be deduced from the gas balance expressed 
in Eq. 2, if all the other terms are known. Among them, Ue is of relevance 
as it could be significantly different from Umf and, in turn affect the term 
associated to the throughflow. This would have consequences on the 
modeling of processes in which bed hydrodynamics play a crucial role 
on the overall gas-solid reaction conversion [28–33].

In aggregative fluidization of Geldart B and D solids, Ue can be 
calculated from the relationship of Hilligardt and Werther [34], valid for 
three-dimensional beds: 

Ue − Umf

U − Umf
=

1
3

(3) 

Eq. 3 can be a powerful tool to predict the superficial velocity of gas 
percolating through the expanded emulsion-phase of a bubbling fluid
ized bed, despite not accounting for differences between Geldart B and D 
solids and possible local differences inside the dense bed.

In homogeneous fluidization, a consolidated relationship links Ue( ≡

U) with εe
(
≡ εf

)
: 

Ue

Umf
=

(
εe

εmf

)n

(4) 

Eq. 4 derives from the original form of the Richardson-Zaki corre
lation [35]: 

d logU
d logε = n = constant (5) 

integrated with the boundary condition: U = Umf at ε = εmf . The 
parameter n correlates with the Archimedes or equivalent Galileo 
number through the equation proposed by Khan and Richardson [36]. 
Eq. 5 originates from liquid fluidization. As resumed by Di Felice, several 
authors have confirmed its applicability to the homogeneous expansion 
range of gas-solid beds [37,38]. In particular, the derivation of Eqs. 4 
and 5 can be analytically obtained from gas pressure loss due to particle 
drag and unrecoverable bed pressure loss due to the fluidization con
dition [39]. The idea of extending the relationship to liquid fluidized 
beds encountering the appearance of bubbles has been mentioned in the 
review of Di Felice [37]. It was also suggested that hydrodynamic 
modeling of bubbling fluidized beds would greatly benefit from basic 
input derived by liquid-solid systems studies. Indeed, long before Avidan 
and Yerusalemi [40] studied the applicability of the Richardson-Zaki 
equation to Geldart A solids fluidized in the slugging and turbulent re
gimes. Afterwards, Olowson and Almstedt [41] adopted the Richardson- 
Zaki correlation to solids at the boundary between groups B and D, 
fluidized in the bubbling regime, to calculate the dense-phase expansion 
from Ue measurements.

To better understand the actual fluidization patterns, in a recent 
study, Molignano et al. [42] used custom-made capacitance probes to 

comprehensively characterize voidage distribution in bubbling fluidized 
beds of grey quartz sand belonging to the group B of Geldart’s classifi
cation, both at room temperature and 500 ◦C. Capacitance probes have 
been chosen due to their favourable features in terms of ease of opera
tion and signal interpretation, temporal resolution, cost, applicability in 
high temperature environments and in industrial units. The signals ob
tained from the measurements with capacitance probes have been 
elaborated using a statistical approach applied to a detailed time- 
resolved analysis. Statistical analysis of the time-series of local bed 
voidage obtained at different excess gas velocities with respect to the 
minimum fluidization conditions revealed multimodal Probability 
Density Functions (PDF). A remarkable bimodal character was apparent 
in the portion of the spectrum that refers to the emulsion phase of the 
bed, more pronounced as the gas superficial velocity was increased. It 
has been inferred that different phases at distinctively different voidage 
co-exist in the emulsion phase: a lower voidage LV-phase and a higher 
voidage HV-phase. In the same study, a dedicated campaign consisting 
of fluidized bed catalytic oxidation of CO has been focused on the 
assessment of the mass transfer coefficient between the bulk of the bed 
and active particles, under the assumption of infinitely fast chemical 
kinetics. The outcomes of the experiment were fully consistent with the 
experimental findings obtained from the hydrodynamic characterization 
of the bed at comparable temperature. Results confirmed the close 
relationship between mass transfer and expansion patterns of the 
emulsion phase, and the need for proper hydrodynamic characterization 
of the bed. A more accurate version of the Frӧssling-type Eq. [43], 
modified for the estimation of mass transfer in dense fluidized beds, was 
proposed: 

Sh = 2.0 • εe +K •

(
Ree

εe

)1/2

Sc1/3 (6) 

in which εe and Ue are the effective voidage and gas velocity of the 
emulsion phase, respectively. The modified Frössling-type correlation 
proposed as Eq. 6 is similar to that reported in the study of La Nauze and 
Jung [44], although they considered the superficial gas velocity U 
instead of Ue in the Reynolds number.

In the present study, the same experimental approach of Molignano 
et al. [42] has been used to carry out a thorough hydrodynamic char
acterization of different Geldart B and D solids in dense gas fluidized 
beds operated at room temperature and at 500 ◦C. Bed voidage distri
bution and superficial gas velocity of the emulsion phase have been 
obtained for each bed material, while varying the excess gas velocity 
with respect to minimum fluidization conditions, radial and axial co
ordinate of the capacitance probes. The validity of the Richardson-Zaki 
correlation (Eq. 4), applied to the emulsion phase of the bubbling flu
idized beds, has been also investigated for the calculation of Ue and 
subsequent comparison with values obtained from Eq. 3 and from the 
gas balance of Eq. 2, in which all the main variables have been experi
mentally measured [16,45–49]. Main fluidization features, for instance 
voidage, visible bubble flow, emulsion phase velocity, obtained for the 
different bed materials have been compared to assess whether relevant 
common or different hydrodynamic patterns could be individuated.

2. Experimental

2.1. Apparatus

The apparatus used for the experiments of hydrodynamic charac
terization of the dense fluidized bed is based on a stainless steel 3″ 
diameter (schedule 40: ID 77.92 mm) and 1300 mm high column 
operated as atmospheric bubbling fluidized bed (Fig. 1). The fluidization 
gas distributor belongs to the low pressure drop type. It is a 2 mm 
triangular pitch perforated plate placed under two stainless steel nets 
(mesh size of 40 μm), which provide the major contribution to the 
distributor pressure drop. The average pressure drop across the gas 
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distributor is about 173 Pa, and its ratio to the bed pressure drop ranges 
between 8 and 11%, depending on gas superficial velocity. These data 
refer to a bed inventory of 900 g and a superficial gas velocity range of 
0.17–0.80 m/s at 500 ◦C. In Fig. 2, the down fluidization curve of one of 
the tested materials (grey quartz) is showed to demonstrate that proper 
fluidization conditions were assured. The windbox is a 225 mm high 
stainless steel column filled with ceramic rings to equalize the gas flow. 
The fluidization column is thermally insulated and heated by two semi- 

cylindrical 2.4 kW ceramic ovens, while the bed temperature is kept at 
the set point by a PID control unit. Gases are fed to the column via high- 
precision digital mass flowmeters/controllers. Entrained dust, which 
results from the abrasion of dense bed particles during testing, is 
removed via a fume hood.

The two ports located under and right above the gas distributor, 
respectively, are 4 mm ID tubes exclusively used for pressure and tem
perature measurements. The second pressure tap is located at 0.01 m 
above the grid. The column presents other six 3/8″ diameter (schedule 
40: ID 12.4 mm) tubes, mounted flush to the column wall, that provide 
access to capacitance probes and for pressure/temperature measure
ments. These lateral accesses are placed at different vertical positions 
along the column, at distances above the distributor plate of 0.06, 0.1, 
0.14, 0.18, 0.34 and 0.95 m. In Fig. 1 only the ports which have been 
used for the experiments are represented. Each measurement probe is 
connected to its data acquisition module and signals are acquired 
simultaneously on a Personal Computer via a program developed in 
LabVIEW.

2.2. Materials

Four different bed solids were tested in the hydrodynamic charac
terization experiments: grey quartz sand, silicon carbide and two 
γ-alumina samples. Material properties are listed in Table 1. Grey quartz 
sand and silicon carbide were conditioned at 800 ◦C and double sieved 
in a relatively narrow particle size range of 420–590 μm. γ-alumina 
samples do not need this kind of conditioning procedure due to their 
spherical shape. For the first two solids, the mean diameter, d̃p, derives 
from the arithmetic mean between the sieving range limits of 420 and 
590 μm. The γ-alumina samples are composed by mono-sized particles. 
εmf values at ambient temperature were considered equal to the loose 
bed voidages [50]. The loose bed voidage, as well as the packed bed 
voidage, εpack, was measured in a graduated cylinder of 500 ml so that 
wall effects could be minimized [51]. εmf at 500 ◦C for the four samples 
was calculated from Ergun equation [52] starting from the actual 

Fig. 1. Experimental apparatus for bed voidage measurement experiments. (1) 
Windbox; (2) electrical furnaces; (3) ceramic insulation; (4) gas distributor; (5) 
column lateral tubes for capacitance probes (CP); (6) thermocouple for oven 
PID controller; (7) bed solids; (8) fluidization column; (9) hood; (10) 
compressor; (11) air flowmeter. H1=0.06 m, H2=0.1 m, H3=0.14 m represent 
the axial location of the capacitance probes in terms of distance from the 
distributor. PT: piezoresistive pressure transducer (operating range: 0–75 
mbar); TC: K-type thermocouple.

Fig. 2. Fluidization curve of grey quartz sand (d̃p = 505 μm, ρp = 2650 kg/m3) 
obtained by progressively decreasing the superficial gas velocity at 500 ◦C in 
the experimental apparatus showed in Fig. 1.

Table 1 
Properties of bed materials.

Material Grey 
quartz 
sand

Silicon 
carbide

γ-Alumina–0.6 γ-Alumina–1

Sieving range, dp 

[μm]
420–590 420–590 Monosize Monosize

d̃p [μm] 505 505 610 1000
ϕ [− ] 0.64 0.63 1 1
ρp [kg/m3] 2650 3253 1187 1209
ρpack(20◦ C) [kg/m3] 1488 1764 774 779
Geldart group B B/D B D
Umf (20◦ C) [m/s] 

(experimental)
0.207 0.305 0.191 0.411

Umf (500◦ C) [m/s] 
(experimental)

0.119 0.190 0.106 0.300

Ut(20◦ C) [m/s] 
(Haider and 
Levenspiel, 1989) 
[52]

2.44 2.72 3.14 4.72

Ut(500◦ C) [m/s] 
(Haider and 
Levenspiel, 1989) 
[52]

3.13 3.58 3.28 5.97

εpack(20◦ C) [− ] 0.44 0.46 0.35 0.33
εmf (20◦ C) [− ] 0.48 0.5 0.39 0.43
εmf (500◦ C) [− ] 

(Ergun, 1952) [52]
0.49 0.52 0.43 0.43

κs(20◦ C) [− ] 
(experimental)

3.5 12.7 3.0 3.3

κs(500◦ C) [− ] 
(experimental)

6.2 11.8 2.6 2.7
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particles diameter, density and sphericity, the experimental Umf and gas 
properties at 500 ◦C. This procedure, suggested by Knowlton [53], has 
been adopted by Formisani et al. [54]. The sphericity of grey quartz sand 
and silicon carbide, ϕ, was obtained as an adjustable parameter from 
Ergun equation starting from solids and gas properties at ambient tem
perature. ϕ values seem to be reasonable in either case, as demonstrated 
by SEM images (Fig. 3) of the samples. The classification into Geldart 
groups [52] has been accomplished considering the emulsion phase 
interstitial gas velocity referred to minimum fluidization conditions 
compared to the mean bubble velocity, measured at each investigated 
experimental condition from the analysis of time-resolved signals of the 
capacitance probes. Grey quartz sand and γ-alumina–0.6 exhibit mean 
bubble velocity which exceeds the interstitial gas velocity of the emul
sion phase at minimum fluidization conditions both at room tempera
ture and 500 ◦C (fast bubbles). Thus, they certainly belong to B group 
particles. Silicon carbide bed shows an intermediate behavior: it pre
sents slow bubbles at ambient temperature, but fast bubbles at 500 ◦C. 
γ-Alumina–1 is undoubtedly a type-D material (slow bubbles).

2.3. Diagnostics and experimental procedure

House-made needle-type uncooled capacitance probes have been 
used as main diagnostics for the hydrodynamic characterization of the 
dense fluidized bed of each described material in the bubbling regime. 
The probe needle outer diameter of 1.6 mm minimizes footprint effects. 
A detailed description of the probes design, their operating principle and 
main equations is provided in Molignano et al. [42].

The four materials have been fluidized with air at ambient temper
ature and at 500 ◦C. The same excess gas superficial velocities with 
respect to incipient fluidization, in the range of 0.01–0.35 m/s, were 
applied for the two investigated temperatures and for each bed material. 
Additional excess gas velocities were tested at 500 ◦C, up to 0.7 m/s.

The adopted experimental conditions refer to fluidized beds operated 
in the bubbling regime. This has been verified from the analysis of bed 
pressure signals both in the time and frequency domain. In Fig. 4A, the 
Power Spectral Density (PSD) of a pressure signal measured in the bed of 
grey quartz sand fluidized at 500 ◦C and an excess superficial gas ve
locity with respect to minimum fluidization conditions of 0.6 m/s is 
shown as an example. The characteristic frequencies of bed pressure 
signals recorded at the highest superficial gas velocities range from 
about 2 to 4 for the four samples at the two investigated temperatures. 

These values of dominant frequency confirm the absence of slugging 
regime that would present lower characteristic frequencies around 0.8, 
according to the relationship reported by Falkowsky and Brown [55].

In Fig. 4B, the standard deviations of absolute pressure signals 
measured in the bed of grey quartz sand fluidized at 500 ◦C are repre
sented as an example. The standard deviation of absolute pressure 
fluctuations, measured at different bed heights, has also been computed 
for all the adopted experimental conditions, revealing that the transition 
to turbulent fluidization is never reached in any experimental condition 
investigated [56]. Therefore, each bed material was fluidized in a rather 
vigorous bubbling regime at the maximum investigated value of su
perficial gas velocity.

The amount of bed material loaded in the column was such that the 
packed bed aspect ratio, H/D, was in the range 1.6–1.7 for the four 
samples. The capacitance signal was recorded at three different axial 
positions inside the bed, H1, H2 and H3, at a distance from the distributor 
plate of 0.06 and 0.1 and 0.14 m (Fig. 1). At each bed height, capaci
tance probes were placed at three radial positions, namely bed center, 
mid-radius and wall, corresponding to r/R ratios of 0, 1/2 and 7/9, 
respectively. For each run, capacitance signals were acquired using 
LabVIEW software for 180 s with a sampling frequency of 1 kHz. Pres
sure signals were also acquired simultaneously to check fluidization 
quality.

2.4. Data analysis

Time series of local bed voidage were obtained from time-resolved 
voltage-type signals of the capacitance probes. The measurement in
strument equation was adopted to convert the local time-resolved 
voltage information into the local time-resolved relative dielectric 
constant of the fluidized medium. Afterwards, time series of local bed 
voidage could be obtained by working out the time-resolved relative 
dielectric constant of the medium as linear combination of the relative 
permittivity of the solid, κs, and of air, weighted on local bed voidage, ε 
[42]. A statistical approach has been adopted and Probability Density 
Functions (PDF) of the local bed voidage, using the Matlab software, 
were obtained. The main features of the PDFs have been compared at 
different superficial gas velocities, axial/radial coordinate of capaci
tance probe sensing volume and temperatures for each material.

At specific experimental conditions, deconvolution has been adopted 

Fig. 3. SEM images of grey quartz sand and silicon carbide after conditioning, γ-alumina–1 and γ-alumina–0.6 particles (from up and left to down and right) used in 
the experiments.
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as it is a powerful tool in which the complex PDF of time-resolved voi
dage signal is decomposed into its overlapping distributions (Fig. 5). 
Lorentzian-type polynomials have been chosen to avoid any assumption 
on the shape of each monomodal distribution underlying the overall 
PDF. The purposely developed Matlab code is able to make multiple trial 
fits, taking the one to which the lowest mean fit error is associated. The 
number of trials was a trade-off between high accuracy and computa
tional time. The parameter σ has been defined, in the case of a bimodal 
emulsion phase distribution, as the local LV-phase fraction in the 
emulsion phase: 

σ =
ALV

ALV + AHV
(7) 

with ALV and AHV representing the areas associated with the LV- and 
HV-distribution respectively deriving from the deconvolution 
procedure.

Three different methods have been chosen to calculate the superficial 
velocity of the gas passing through the emulsion phase, Ue, at each su
perficial gas velocity, U. In the first method, the equation of Hilligardt 
and Werther [34] has been implemented (Eq. 3). It does not require any 
measured quantity apart from the minimum fluidization velocity of the 
material at the temperature of interest. The second method involved the 
use of the Richardson-Zaki correlation [35] expressed according to Eq. 
4. In this second case, εe, the characteristic voidage of the emulsion 
phase, is also required. The time-resolved voidage signal associated to 

the whole emulsion phase is extracted from the overall signal by 
selecting a threshold value, εth. The threshold identification at relatively 
high superficial gas velocities is carried out with the “method of pulses” 
proposed by Werther and Molerus [45]. Herein, the mean number of 
pulses per unit time in the time-resolved signal is obtained for different 
levels of voidage values (Fig. 6): the mean number of pulses per unit time 
rapidly increases as voidage rises from an initial value corresponding to 
packed conditions. After reaching a maximum, corresponding to the 
passage of all peaks due to porosity fluctuations in the emulsion phase 
and bubbles passage, the mean number of pulses per unit time decreases 
and the pulse count reaches a stationary value, which refers exclusively 
to the pulses associated to bubbles passage. Thus, the first value asso
ciated to the plateau is chosen as the threshold between the emulsion 
phase and the bubble phase. When the presence of bubbles is less 
evident, the method of pulses cannot be applied since a plateau in the 
plot of the mean number of pulses per unit time is not present. For such 
conditions, a symmetry criterion was adopted for the PDF associated to 
the emulsion phase, as shown in Fig. 7.

Given εth, the emulsion-phase signal was extracted from the overall 
signal by filtering out the parts of the signal associated to the bubbles 
phase. It is worth mentioning that the methodology used to obtain the 
emulsion phase signal, as represented in Fig. 8, excludes voidage values 
lower than εth that immediately precede and follow the bubble peak. The 

Fig. 4. (A) PSD of a pressure signal measured in the bed of grey quartz sand fluidized at 500 ◦C and U − Umf = 0.6 m/s; (B) standard deviations of absolute pressure 
signals measured in the bed of grey quartz sand fluidized at 500 ◦C; h represents the distance from the gas distributor.

Fig. 5. Example of deconvolution of a PDF of voidage signal. Experimental 
conditions: fluidized bed of grey quartz sand, T = 500 ◦C, sensing volume of the 
probe located at bed center and H2, U − Umf = 0.25 m/s.

Fig. 6. Variation of the mean number of pulses per unit time in the voidage 
signal from grey quartz sand experiment carried out at ambient temperature 
and with an excess gas velocity U − Umf = 0.35 m/s. Capacitance probe sensing 
volume located at H2 and column center.
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voidage signal associated to the emulsion phase was, finally, averaged 
over time. In Eq. 4, εe is the time-averaged emulsion phase voidage 
measured at the axial coordinate H2 (Fig. 1), which results from the 
integration, over the whole cross section, of the values measured at 
column center, mid-radius and wall, under axisymmetric assumption.

The integration was performed by dividing the column section into 
three concentric subsections, Si: 

〈ε〉r =

∑3

i=1
εeSi

S
(8) 

with i representing the subsection number.
In the third method, a gas balance over the cross section of the flu

idized bed was written according to Eq. 2. δ was derived from the mass 
balance on gas phase taking into account the presence of the bubble and 
emulsion phases: 

εf = δ+(1 − δ)εe (9) 

where the presence of small amounts of solids in bubbles was 
neglected. εf is the mean fluidized bed voidage referred to bed cross- 
section at the axial coordinate H2. The mean bubble rise velocity, Ub, 
could be derived by adopting the cross-correlation of signals from 
capacitance probes sensing volumes located at H1 and H2 and column 
center. The visible bubble flow, Ubδ, has been compared with values 
obtained using the correlation of Fu et al. [57] valid for Geldart B and D 
solids. As for the throughflow velocity, Utf , it has been expressed as 
proportional to the velocity of gas passing through the emulsion phase, 
ktf Ue, while considering, for the coefficient ktf , values of 0 (absence of 
flow through bubbles), 1 [14], and 3 [13], to identify a range of possible 
Utf values.

3. Results and discussion

3.1. Time series of fluidized bed voidage

Figs. 9–10 report selected time series of local bed voidage recorded 
for the four samples at 500 ◦C, at two different excess gas superficial 
velocities, with the capacitance probe sensing volume located at the 
column center and H1. At the lower excess gas superficial velocity with 
respect to minimum fluidization conditions (Fig. 9), a signal baseline 
representing the emulsion-phase is recognizable, whereas upward spikes 
mark the passage of bubbles. It is evident that the characteristic value of 
the baseline signal already departs from the emulsion-phase voidage at 
minimum fluidization, witnessing a slight expansion of the dense-phase 
with respect to incipient fluidization condition. As gas superficial ve
locity is increased (Fig. 10) the passage of bubbles becomes more 
frequent, and the signal becomes more chaotic/random. In this case, it is 
more difficult to identify the baseline of the signal.

The general qualitative features of the voidage time series at high 
temperature resemble those observed at room temperature.

Time-resolved bed voidage profiles corresponding to the gas veloc
ities, temperatures, and radial/axial locations of the capacitance probe 
tested for each investigated bed material indicate that:

• Local bed voidages, averaged over the entire acquisition time, εf , do 
not exhibit the same trend with temperature if results on the different 
materials are compared, for any given axial/radial position of the 
sensing volume of the probe.

• The mean local bed voidage, εf , is higher at the top levels H2 and H3 
both at room and at high temperature for all the samples.

• εf values averaged over the radial and axial coordinate and 
normalized with respect to εmf result in a higher expansion of 
γ-alumina samples, with reference to the starting voidage condition.

• No noticeable differences arise for minimum, maximum and mean 
values of local bed voidage measured along the radial coordinate, for 
the tested materials. The transversal dimension of the fluidization 
column is, probably, too small to highlight significant differences 
along the radial coordinate.

3.2. Statistical approach for the analysis of fluidized bed voidage time 
series

A statistical approach on voidage time series, as already done in 
previous studies [8,58], has been implemented to better understand the 
bed hydrodynamics of the four tested materials. In the study of 
Molignano et al. [42], Probability Density Functions (PDF) of voidage 
signals, parametric in the excess gas superficial velocity with respect to 
minimum fluidization conditions, are reported for the grey quartz sand 
sample. PDFs of local voidage signals recorded during fluidization of 
silicon carbide, γ-alumina–1 and γ-alumina–0.6 are presented in 
Figs. 11–13, in which only results at 500 ◦C are shown for the sake of 
brevity. Results referred to ambient temperature conditions are reported 
in Figs. S.1–3 (see supplementary material). PDF curves of SiC fluidized 

Fig. 7. Probability Density Function (PDF) of time-resolved voidage signal 
from grey quartz sand experiment carried out at ambient temperature and with 
an excess gas velocity U − Umf = 0.005 m/s. Capacitance probe sensing volume 
located at H2 and column center.

Fig. 8. Emulsion phase signal resolved over a fictitious time from grey quartz 
sand experiment carried out at ambient temperature and with an excess gas 
velocity U − Umf = 0.35 m/s. Capacitance probe sensing volume located at H2 

and column center.

L. Molignano et al.                                                                                                                                                                                                                             Powder Technology 447 (2024) 120174 

7 



Fig. 9. Time-resolved voidage profiles. Probe radial location: center, probe level: H1, T = 500 ◦C, U − Umf = 0.1 m/s.

Fig. 10. Time-resolved voidage profiles. Probe radial location: center, probe level: H1, T = 500 ◦C, U − Umf = 0.4 m/s.
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bed operated at 500 ◦C with the capacitance probe located at bed center 
and H2 have been represented in separated graphs to improve the 
readability in Fig. S.4 (see supplementary material).

With reference to the results obtained with silicon carbide (Fig. 11), 
when superficial gas velocity approaches incipient fluidization condi
tions, the PDFs exhibit a slightly skewed unimodal trend, with a voidage 
modal value around εmf . Small and occasional bubbles contribute to the 
tail on the right-hand side of the PDF. As the gas superficial velocity is 
increased, a pronounced peak, representative of the bubble phase, ap
pears at ε ≅ 1. The bubble phase peak sharpens as U − Umf increases, 
keeping an almost constant voidage, as also observed in the study of 
Wytrwat et al. [49]. A zone of intermediate voidages, which separates 
the emulsion phase from the bubble phase, exists and exhibits a rather 
flat trend of low probability, if compared to those of the emulsion and 
bubble phases. Andreux and Chaouki [58] interpreted the same portion 
of the PDF obtained by bi-optical probes as being representative of the 
bubble cloud. In the present study, it is, instead, supposed that inter
mediate voidages are measured when the sensing volume of the probe is 
not fully covered by the dense or bubble phase. Thus, more than one 
phase is detected simultaneously, and an average concentration of the 
dense and bubble phases is measured. The extent of the area underlying 
the intermediate voidages zone of the PDF may probably depend on the 
probe sensing volume, which is, thus, an important parameter to 
consider for capacitance probes design. When superficial gas velocity 
increases, the modal value associated to the emulsion phase shifts 

toward higher voidages, marking the expanded state of the emulsion 
phase. A bimodal character in the emulsion phase becomes evident at 
higher superficial gas velocities and specific locations in the dense flu
idized bed. The same above-listed features of silicon carbide – gathered 
when the probe sensing volume is placed at the axial coordinates H1 and 
H2 – have been observed in the fluidized bed of grey quartz sand [42]. 
The recognition of the composite, bimodal nature of the PDF component 
associated with the emulsion phase suggested that different phases with 
specific voidages co-exist in the emulsion phase: a lower voidage (LV) 
phase and a higher voidage (HV) phase [42]. Results on γ-alumina–1 (D 
group, slow or cloudless bubbles) and γ-alumina–0.6 (B group, fast or 
clouded bubbles) samples are reported in Figs. 12 and 13, respectively. 
Similarly to the cases of grey quartz sand and SiC, the PDFs exhibit a 
slightly skewed unimodal trend, with a voidage modal value around εmf , 
when superficial gas velocity approaches incipient fluidization condi
tion. As gas superficial velocity is increased, the modal value associated 
to the emulsion phase shifts toward higher voidages, marking the 
expanded state of the emulsion-phase. As for the bimodal character of 
the emulsion phase, it is still present although it is less pronounced with 
respect to the grey quartz sand and silicon carbide. In particular, the LV- 
and HV-phases are more recognizable as column center and the axial 
coordinate H2 are considered, whereas, in the non-mentioned cases, the 
bimodality is less marked or the single modal peak seems to be the 
merging of the two modal components. Finally, when the bimodality of 
the emulsion phase is more evident, the area under the portion of the 

Fig. 11. Probability density functions of the local voidage of SiC fluidized bed at 500 ◦C for different excess gas superficial velocities and probe locations.
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PDF curve corresponding to the LV-phase of the emulsion-phase seems 
to be greater in the fluidized beds of γ-alumina–1 and γ-alumina–0.6 if 
compared with grey quartz sand and silicon carbide samples. PDFs of 
time-resolved local voidage signals recorded at the axial coordinate H3 
generally do not exhibit the composite feature of the emulsion phase, 
but only one modal component is present, which corresponds to the 
expanded state of the emulsion phase. These data are reported in 
Figs. S.5 and 6 (see supplementary material).

The fact that bubbles might be responsible for perturbations in the 
dense phase has already been highlighted in literature with reference to 
dense-phase expansion induced by large bubbles splitting, not neces
sarily related to the transition from bubbling to turbulent fluidization 
[60]. After a detailed time-resolved analysis of voidage signals, 
Molignano et al. [42] speculated that the HV-phase establishes in the 
emulsion phase as a consequence of shear flow induced by the passage of 
bubbles. The broad spectrum of voidages would reflect different values 
of the local shear rate, that reaches a maximum as the nose of the rising 
bubble approaches the probe. Accordingly, expansion of the emulsion 
phase in the proximity of bubbles would reflect the well-established 
dilatancy of dense granular flows subject to shear [59]. In this frame
work, the LV-phase immediately trailing the bubble should correspond 
to solids located in the bubble wake, characterized by prevailingly 
coherent translational motion and scarce shear. From a completely 
different perspective, the localization of the HV-region on top of the 
bubbles [42] may drive to the conclusion that the HV-distribution is 

attributed to the cloud surrounding the fast bubbles of Geldart’s group-B 
solids, which is known for being interested by high gas recirculation 
flow [61]. In the present study, the different investigated alumina ma
terials belonging to both groups B (clouded bubbles) and D (cloudless 
bubbles) of Geldart’s classification exhibited similar PDFs of local bed 
voidage with the presence of the HV-phase identified at some probe 
locations. Thus, this evidence seems to confirm the speculations of 
Molignano et al. [42], excluding the hypothesis that the HV-phase is 
related to the bubble cloud.

3.3. Major features of emulsion and bubble phase

The PDFs of the capacitance probe voidage signals for the four 
investigated bed materials and for each tested experimental conditions 
have been further analyzed to gather the major features of the emulsion 
phase. In particular, the peak voidages corresponding to the LV-phase 
and HV-phase individuated in the PDFs of voidage signal, are plotted 
as a function of U − Umf for the four bed materials in the graphs of 
Fig. 14. Data points are reported in a normalized form with respect to εmf 

of each material and for two measurement levels, H1 and H2. Only re
sults at 500 ◦C have been shown for the sake of brevity. Results referred 
to ambient temperature conditions are reported in Fig. S.7 (see sup
plementary material). When the emulsion phase PDF preserves its 
monomodal shape, only one value has been plotted in light blue. This 
happens at relatively low superficial gas velocities for all the samples, 

Fig. 12. Probability density functions of the local voidage of γ-alumina–1 fluidized bed at 500 ◦C for different excess gas superficial velocities and probe locations.
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and also at higher superficial gas velocities with γ-alumina samples 
when the capacitance probe sensing volume is located at mid-radius or 
at the column wall. Instead, when the LV and HV phases are present and 
the associated peaks could be distinctively recognized from the PDFs, 
two data points series have been reported in green and red, respectively. 
In the other cases only one data points series has been shown in green or 
in red according to the phase peak clearly detectable. For example, when 
the LV distribution appears like a “shoulder” in the overall PDF, only red 
data points associated to the HV distribution have been reported.

It is interesting to observe that εmode
e values for the four materials tend 

to collapse around characteristic values when divided by the corre
sponding εmf . In particular, mode values of the HV-phase aggregate 
around values higher than unity, whereas those of the LV-phase are 
mostly around unity, displaying only moderate departures from εmf 

throughout the range of excess gas superficial velocities investigated.
Besides, the deconvolution of the PDFs into their monomodal voi

dage distributions was achieved at all the specific experimental condi
tions in which the composite nature of the emulsion phase was evident. 
The results of the deconvolution procedure allowed quantifying the 
specific weight of the LV- and HV-phases in the emulsion phase and the 
differences between the investigated bed materials. For instance, values 
of σ (ratio between the area associated with the LV-phase and the total 
area of the emulsion phase distribution, Eq. 7) are plotted in Fig. 15 for 

grey quartz and γ-alumina–1 bed materials. From the analysis of the 
Fig. 15, it can be observed that:

1) At ambient temperature and for the investigated interval of fluid
ization velocity excess the data of local fraction of the LV-phase are 
quite scattered and range between 0.2 and 0.4. No significant dif
ferences are observed between the two materials and a slight 
decreasing trend of σ with U − Umf is shown, even more at H2.

2) At 500 ◦C for γ-alumina particles data scattering is still present in the 
range 0.2–0.4 similarly to data at ambient temperature. Instead, for 
grey quartz sand σ is less scattered and it assumes much lower values, 
in the range 0.05–0.2, confirming its slight decreasing trend with U −

Umf observed at ambient temperature. In any case, no significant 
differences are associated with the measurement level inside the bed.

Overall, it can be concluded that the LV-phase contribution is typi
cally smaller than that of HV-phase to the emulsion phase and it be
comes less and less remarkable with irregular bed materials increasing 
both U − Umf and the bed temperature. In particular, it seems that the 
sphericity, ϕ, could play a key role, especially at high temperature, on 
the parameter σ. Indeed, it is likely that surface irregularities as well as 
the non-spherical particle shape (see grey quartz sand in Table 1) can 
emphasize the dense phase dilatancy deriving from bubble-induced 
shear flow [59] and, in turn, the role of HV-phase in the emulsion phase.

Fig. 13. Probability density functions of the local voidage of γ-alumina–0.6 fluidized bed at 500 ◦C for different excess gas superficial velocities and probe locations.
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Overall, results on voidage spatial distribution in bubbling fluidized 
beds of the four tested materials confirm that fluidization patterns of 
dense gas fluidized beds may largely depart from the two-phase theory 
as regards the voidage in the emulsion phase. Accordingly, the splitting 

of fluidizing gas between the bubble and the emulsion phase, and 
associated bubble flow patterns, must be investigated and correctly 
modelled.

Finally, the time series of the local voidage measured inside the bed 

Fig. 14. Normalized mode values of the PDFs of the emulsion-phase voidage for the four material samples, at 500 ◦C, as a function of U − Umf .

Fig. 15. The local LV-phase fraction in the emulsion phase at column axis for the grey quartz sand and γ-alumina–1 samples as function of U − Umf . (A) Ambient 
temperature; (B) 500 ◦C.
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have been worked out to obtain the major features of the bubble phase, 
specifically the visible bubble flow. Ub has been determined by cross- 
correlating capacitance probe signals at H1 and H2 along bed axis; the 
bubble hold-up, δ, has been calculated from Eq. 9. Experimental esti
mation of bubble velocity by the signals cross-correlation method has 
been validated by measuring several bubbles velocity directly from 
signals observation in few chosen experimental conditions. Results are 
consistent with those from cross-correlations within a 6%. The visible 
bubble flow, determined at ambient temperature and 500 ◦C for the four 
tested materials, is reported in Fig. 16 as a function of the excess gas 
velocity with respect to minimum fluidization condition. The visible 
bubble flow does not significantly depend on the operating temperature 
but mainly on the excess of superficial gas velocity. At each value of U −

Umf , the visible bubble flow changes with bed material and increases 
according to the following order: silicon carbide, γ-alumina–1, grey 
quartz sand and γ-alumina–0.6. The experimental values of the visible 
bubble flow have been compared with predictions from the correlation 
of Fu et al. [57] (Fig. 17) valid for Geldart B and D solids. Overall, a fair 
agreement between experimental values and predictions is shown.

In the bed of grey quartz sand fluidized at ambient temperature and 
at U − Umf = 0.2 m/s the mean measured bubble pierced length at H2 is 
about 0.057 ± 0.02 m.

3.4. Estimate of emulsion-phase velocity

Figs. 18–19 report mean superficial gas velocities in the emulsion 
phase calculated with three different procedures (see paragraph 2.4) and 
normalized with respect to the minimum fluidization velocity of the 
samples at the temperature of interest as a function of U − Umf at 
ambient temperature and at 500 ◦C, respectively. The calculation of Ue 
from the correlation of Hilligardt and Werther [34] exclusively needs 
the value of minimum fluidization velocity of the considered bed ma
terial. Ue derived from the Richardson-Zaki correlation [35], instead, 
also depends on the measured mean emulsion-phase voidage averaged 
over bed section and the axial coordinate H2 is used as reference. The 
calculation of Ue resulting from gas balance at the column cross section 
and at bed level H2 is based on all variables measured by capacitance 
probe signals except the throughflow coefficient, which has been 
considered equal to 0, 1 and 3.

Analysis of Figs. 18–19 highlights that:

1) the values obtained from Eq. 3 of Hilligardt and Werther linearly 
depend on U − Umf and are nearby to those achieved by the third 
method based on gas balance with throughflow coefficients around/ 

slightly higher than unity [14], whatever bed temperature is 
considered;

2) the values calculated by the Eq. 4 (Richardson-Zaki correlation) in
crease linearly or slightly less than linearly with U − Umf whatever 
the bed temperature is considered. Some differences with bed tem
perature are observed if these values are compared with those ob
tained by the gas balance. At room temperature, Ue calculated with 
the Richardson-Zaki correlation is comparable with that calculated 
from gas balance with throughflow coefficients in the range 0–1 for 
the irregular bed materials (grey quartz sand and silicon carbide), 
instead a ktf ≤ 0 (“negative” throughflow coefficients) seems to 
represent data for γ-alumina fluidized particles. This discrepancy 
could be due to a non-negligible overestimation of the experimental 
visible bubble flow (see paragraph 3.3). For instance, experimental 
points associated to results on γ-alumina–0.6 at room temperature in 
Fig. 17 are those that mostly deviate upward from the bisect. Alter
natively, this could simply suggest that the use of Richardson-Zaki 
correlation for Ue calculation for materials like the γ-alumina parti
cles at ambient conditions, at least, can give misleading results. At 
500 ◦C, Ue calculated with the Richardson-Zaki correlation is com
parable with that calculated with gas balance with a throughflow 
coefficients in the range 0–1, but close to 1 for all the investigated 
bed materials;

3) the values calculated by the Eq. 2 (gas balance) increase linearly or 
slightly more than linearly with U − Umf whatever the bed temper
ature is considered and for the all the investigated bed materials. 
Ue/Umf vs U − Umf curves parametric with the throughflow coeffi
cient ktf show that, obviously, the superficial gas velocity in the 
emulsion phase strongly increases with decreasing values of ktf 

whatever bed temperature and bed material are considered;
4) the ratio of Ue/Umf , evaluated at the same U − Umf , is fairly constant 

with increasing temperature for all the bed materials. As a conse
quence, Ue, for instance, calculated according to Eq. 4 (Richardson- 
Zaki correlation) is systematically lower at 500 ◦C with respect to 
results at ambient temperature at the same U − Umf ;

5) from the comparison of the three methods applied to the four bed 
material samples at ambient temperature and 500 ◦C, it can be 
speculated that the throughflow coefficient can vary according to the 
operating conditions of the dense fluidized bed, namely operating 
temperature, superficial gas velocity, and bed material. This is in 
accordance with the results of Olowson and Almsted [16], who found 
no constant ratio between the bubble throughflow velocity, Utf , and 

Fig. 16. Experimental visible bubble flow as a function of U − Umf . Full sym
bols: ambient temperature; hollow symbols: 500 ◦C.

Fig. 17. Comparison between the measured visible bubble flow and the one 
predicted from the correlation of Fu et al. [57] valid for Geldart B and D solids 
and reported on the x-axis. Full symbols: ambient temperature; hollow symbols: 
500 ◦C. Y = 1.72Ar− 0.133( U − Umf

)0.024
.
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Fig. 18. Comparison of dimensionless emulsion-phase gas superficial velocities reported versus U − Umf , obtained with the three different procedures reported in the 
paragraph 2.4, for the four bed materials. Room temperature.

Fig. 19. Comparison of dimensionless emulsion-phase gas superficial velocities reported versus U − Umf , obtained with the three different procedures reported in the 
paragraph 2.4, for the four bed materials. T = 500 ◦C.
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emulsion phase superficial gas velocity, Ue. This is one of very few 
studies on throughflow velocity relative to bubbles in 3D beds 
operated at gas superficial velocities higher than Umf . With their 
experimental apparatus, they measured a rather constant through
flow velocity relative to bubbles over the bed cross-section. Values of 
Utf were of the order of four to five times Umf . In our experiments, the 
same ratio Utf /Umf is rarely reached and only at high temperature. 
Results from Glicksman and McAndrews [15] cannot be considered 
for reliable comparisons because they refer to shallow 3D beds and 
do not consider the expansion of the emulsion phase as superficial 
gas velocity is increased in the gas balance of Eq. 1. In some cases, the 
comparison between the methods reported in Figs. 18–19 suggests an 
increase of ktf with increasing excess gas velocity. This could be due 
to bubbles vertical coalescence, which typically enhances the 
throughflow component [11].

6) The influence of the particle size is also observed if the results of the 
two γ-alumina particles are compared. In particular, Ue/Umf de
creases as the particle size increases, especially for data obtained at 
500 ◦C.

7) The data obtained from the three methods at 500 ◦C roughly collapse 
when the throughflow coefficient, ktf , equal to 1 is considered for the 
method based on gas balance, whatever U − Umf and bed material 
are considered.

Overall, the analysis of the results highlights that:

• both the correlations proposed by Hilligart and Werther and by 
Richardson-Zaki can be reasonably used for the estimation of the 
emulsion phase velocity of Geldart B and D solids.

• The validity of the Richardson-Zaki correlation confirms that also for 
aggregative fluidization systems the emulsion phase can be treated as 
a homogeneous fluidized bed. This result is found to be perfectly in 
line with the study of Olowson and Almstedt [41] on bubbling flu
idized beds of Geldart B/D solids. As a result, the expansion of the 
dense phase and the increase of Ue with respect to minimum fluid
ization condition act to keep the particle drag force equal to that at 
incipient fluidization condition.

• For the closure of the mass balance on the fluidized bed gas (Eq. 2), a 
throughflow coefficient, ktf of the order of 1 can be used. Thus, Utf ≅

Ue and the visible bubble flow is equal to U − Ue. This supports the 
fact that the two-phase theory overestimates the visible bubble flow 
since it does not consider the expansion of the emulsion phase and 
the consequent increase of the emulsion phase superficial velocity 
from Umf to Ue.

3.5. Influence of emulsion phase characteristics on transport phenomena

Molignano et al. [42] demonstrated, performing mass transfer- 
limited reaction experiments, that the actual superficial gas velocity 
and voidage of the emulsion phase are needed to correctly predict 
Sherwood number around freely moving large active particles in 
bubbling fluidized beds. The authors carried out the catalytic oxidation 
of carbon monoxide at 450 ◦C over Pt-loaded γ-alumina spheres in the 
fluidized bed of grey quartz sand (Table 1). The experimental apparatus 
was the one represented in Fig. 1. The mass transfer coefficient around 
the freely moving active particles was measured from reaction conver
sion and worked out to calculate the particle Sherwood number, Sh. 
Experimental results were compared with those predicted by the pro
posed correlation (Eq. 6), in which the emulsion-phase superficial gas 
velocity in the Reynolds number of the active particle was calculated 
from Eq. 3 (Hilligardt and Werther [34] correlation). Consequently, the 
fitting parameter, K, turned out to be 0.84. Given the major relevance of 
the convective contribution over the diffusive one in Sherwood number 
[42], accurate determination of Ue is of fundamental importance. In 
Fig. 20, results from the study of Molignano et al. [42] on Sh versus U −

Umf are reported and compared with results from the present study. The 
red curve is obtained from Eq. 6, in which Ue values are calculated using 
the Richardson-Zaki correlation (Eq. 4) with εmode

HV (averaged over the 
column cross section at H2) as representative emulsion-phase voidage 
value. The outcomes are remarkable: the red curve is obtained from Eq. 
6 in which K is not a fitting parameter. K is set equal to 0.69, a 
consolidated number in literature as it derives from the study of Rowe 
et al. [62], who extended the results on mass transfer around isolated 
particles by Ranz and Marshall [63] to Reynolds numbers comprised 
between 20 and 2000.

In conclusion, the hydrodynamics of the investigated bubbling flu
idized beds do have an impact on mass transfer. Accordingly, conse
quences on heat transfer coefficients are also expected for fluidized beds 
exhibiting such peculiar bed voidage distribution. The assumption of the 
two-phase theory may lead to incorrect modeling of heat transfer as 
well. This aspect has been addressed in the studies of Stefanova et al. 
[65,66], in which voidage distribution of fluidized beds near the tran
sition to the turbulent fluidization flow regime and in the turbulent 
regime has been characterized. The presence of structures of interme
diate voidage between dense phase at minimum fluidization conditions 
and a more diluted phase, typically known as voids, is observed. In this 
context, taking into account the contributions of such structures of in
termediate voidage is mandatory for the correct predictions of heat 
transfer coefficients.

4. Conclusions

The hydrodynamics of dense fluidized beds of different solids 
belonging to groups B and D of Geldart’s classification, operated at 
ambient temperature and 500 ◦C, have been successfully characterized 
using capacitance probes.

Statistical analysis of the time-series of local bed voidage yields 
probability density functions parametric in the excess gas velocity, U −

Umf . The bimodal character in the portion of the spectrum that refers to 
the emulsion phase of the bed, more pronounced as the gas superficial 
velocity is increased, is present in all the tested materials at specific 
experimental conditions. The comparison between the different mate

Fig. 20. Sherwood number as a function of excess gas superficial velocity. Data 
points at T = 450 ◦C and using grey quartz sand as bed material. Frӧssling-type 
correlations: black continuous line, K = 0.70, Ue = Umf , εe = εmf [64]; black 
dashed line, K = 0.84, Ue obtained from Eq. 3, εe = εmode

HV [42]; red continuous 
line, K = 0.69 not used as fitting parameter, Ue obtained from Eq. 4 for the HV- 
phase, εe = εmode

HV . (For interpretation of the references to colour in this figure 
legend, the reader is referred to the web version of this article.)
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rials confirms that the higher-voidage phase (HV) can be mainly 
attributed to bed dilatancy associated with bubble-induced shear flow. 
Instead, the hypothesis that it reflects the presence of the bubble cloud is 
more unlikely.

With reference to the composite nature of the emulsion phase in the 
dense gas fluidized bed of monodisperse solids, irregular solids and 
spherical particles present some different peculiar features, as revealed 
from the statistical approach. This aspect demonstrates that surface 
properties could significantly influence emulsion phase expansion as the 
result of bubble-induced shear flow. In spite of the highlighted differ
ences, the characteristic voidages associated with the emulsion phase of 
the four tested materials show similar trends with superficial gas ve
locity excess with respect to minimum fluidization conditions. This 
aspect has been demonstrated by the representation of data normalized 
with respect to the voidage values at incipient fluidization. Although 
results obtained at 500 ◦C qualitatively resemble those obtained at 
ambient temperature, quantitative differences are observed, confirming 
the need for characterization of bed hydrodynamics at temperatures of 
interest in industrial applications.

Results on bed voidage distribution by capacitance probes, especially 
with reference to the detected emulsion phase expansion, stimulated the 
investigation of the associated deviation of superficial gas velocity from 
that at minimum fluidization condition. The Richardson-Zaki correla
tion, in which the measured emulsion phase voidage is implemented, 
predicts superficial gas velocity values associated to the emulsion-phase 
which fall in a reasonable range, as also confirmed by comparison with 
results from gas balance at the bed cross-section and from Hilligardt and 
Werther [34] correlation. The proper features of the emulsion phase in 
terms of superficial gas velocity and voidage are crucial to correctly 
predict the Sherwood number for gas mass transfer between the bulk of 
the bed and freely-moving large active particles. It was demonstrated 
that the utilization of the measured expanded emulsion-phase voidage 
along with the associated values of superficial gas velocity calculated by 
the Richardson-Zaki correlation allows to correctly estimate Sherwood 
numbers obtained in a previous experimental study using a Frössling- 
type equation without fitting parameters. This result further confirms, 
with a reasonable level of approximation, the validity of the Richardson- 
Zaki correlation also in the field of aggregative fluidization. This subject 
also finds confirmation in some relevant literature studies [37,39], in 
which experimental evidence is supported by a theoretical approach 
[41].

Overall, results on hydrodynamic characterization of monodisperse 
fluidized beds find some confirmation in the literature and provide new 
insights about fundamentals of fluidization. Although results have been 
obtained on a relatively small unit, the proposed approach to the 
investigated phenomena constitutes a good starting point for phenom
enological studies at larger scale units.
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